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Abstract

In addition to absorption and membrane processes, adsorption processes offer the
possibility of capturing and recovering CO2 from fossil fueled power plants. Because
of the long heating and cooling times required in a TSA process and because during
desorption the recovered component is diluted, an indirectly heated and cooled TSA
process is proposed for CO2 capture. The suitability of the indirectly heated and cooled
temperature swing adsorption process for CO2 capture is investigated in this work. The
heat transfer characteristics of an adsorbent packed bed with and without convection
are investigated, since heat transfer plays a major role in this process. The adsorption
characteristics of an indirectly heated and cooled adsorber is also an important topic in
this work. A multidimensional mathematical model is derived in order to simulate the
indirect heated and cooled temperature swing adsorption process.

The heat conductivity of the solid particle and the wall Biot number are important model
parameters and are required for modeling the indirect heated and cooled TSA process.
The convective contribution to the radial heat conductivity at low Péclet numbers
showed a similar relationship to the relationship that is postulated in the literature
for higher Péclet numbers. Contrary to the radial heat conductivity, the convective
contribution to the wall heat transfer coefficient shows no clear relationship. The
reasons for this are the correlation between the parameters and that the non-convective
contribution dominates over the range of Péclet numbers that are used in this work.

To investigate the adsorption characteristics, an isotherm is scaled by comparing
the experimental loading value that is measured with a breakthrough curve and the
loading obtained by the isotherm. This is necessary since the same activation procedure
cannot be achieved during the in situ activation of the bed. The model is validated and
kinetic parameters are calculated. Moreover, the agreement between the model and the
measurements is strong, especially for the CO2 concentration. The small discrepancies
between the measured and predicted temperature profiles can be explained on one hand
by flow disturbances and on the other hand by the uncertainty caused by scaling the
isotherm. The recoveries obtained by the model are within the range of the experimental
error and show the same dependency of the recovery with the regeneration temperature.
The average purity of the recovered CO2 is also within the experimental error.

Using the derived model and the determined kinetic parameters, a parametric sweep
is conducted in order to see the influence of different parameters on the process. The
influence is measured by three different key performance indicators: the average purity
of the recovered CO2, the CO2 recovery, and the specific energy required. The numerical
study shows that promising results are obtained by reducing the radial thermal resistance.
Using optimal parameters, high recoveries and purities can be achieved and specific
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energy requirements that are lower than the benchmark process (amine wash).

This work shows, that the indirectly heated and cooled TSA process offers a promising
alternative to CO2 capture.



Zusammenfassung

Adsorptionsprozesse bieten neben Absorptions- und Membranprozessen die Möglichkeit
CO2 aus Rauchgasen zu entfernen. Allerdings zeigt der klassische TSA-Prozess Nachteile
wie z.B. die langen Regenrationszeiten und die Verdünnung der desorbierten Komponente
durch die direkte Beheizung des Bettes. Aus diesem Grund werden indirekt beheizte
und gekühlte TSA-Prozesse für die CO2 Abtrennung aus Rauchgasen vorgeschlagen.
Die Einsetzbarkeit eines solchen indirekt beheizten und gekühlten TSA Prozesses wird
in dieser Arbeit untersucht. Hierfür wird die Wärmeübertragung in adsorptiven Schüt-
tungen mit und ohne Konvektion untersucht. Ebenso wird die Adsorptionscharakteristik
untersucht sowie ein mathematisches Modell entwickelt um diesen Prozess zu simulieren.

Mithilfe nicht durchströmter Wärmeübertragungsversuche werden die Wärmeleit-
fähigkeit der Partikeln unter Benutzung des Zehner/Bauer/Schlünder-Models sowie
die Wand Biot-Zahl ermittelt. Beide Parameter sind zwingend erforderlich für das
mathematische Modell. Bei den Versuchen mit der durchströmten Schüttung bei
geringen Péclet-Zahlen kann für die effektive radiale Wärmeleitfähigkeit ein ähnlicher
Zusammenhang festgestellt werden, wie der Zusammenhang, der in der Literatur für
größere Péclet-Zahlen postuliert wird. Im Gegensatz dazu kann kein Zusammenhang
für den konvektiven Beitrag des Wandwärmeüberganges beobachtet werden. Der Grund
liegt an der Korrelation beider Parameter und außerdem daran, dass der nicht konvektive
Anteil in dem hier untersuchten Péclet Bereich dominiert.

Um die Adsorptionscharakteristik zu untersuchen, wird eine Adsorptionsisotherme
skaliert, um die tatsächliche Kapazität der Schüttung zu reproduzieren. Dies ist
erforderlich, da die Schüttung nicht unter denselben Bedingungen in situ aktviert
werden konnte. Anschließend wird das entwickelte Modell mithilfe der Experimente
validiert und kinetische Parameter werden ermittelt. Die Übereinstimmung zwischen
Modell und Versuchen ist sehr zufriedenstellend, besonders für die CO2 Konzentration.
Die Unterschiede bei den Temperaturprofilen können zum einem durch die geringe Péclet
Zahl erklärt werden, da Strömungseffekte die Temperaturprofile beeinflussen können.
Zum anderen durch die Skalierung der Isotherme, da dies eine gewisse Unsicherheit mit
sich bringt. Die berechneten Ausbeuten liegen alle innerhalb des experimentellen Fehlers
und zeigen dieselbe Abhängigkeit von der Regenerationstemperatur. Die berechneten
Reinheiten liegen ebenfalls innerhalb des experimentellen Fehlers.

Anschließend wird eine Parameter-Studie mithilfe eines selbst entwickelten mathe-
matischen Modells durchgeführt. Diese dient dazu, den Einfluss unterschiedlicher
Parameter auf den Prozess zu untersuchen. Der Einfluss auf den Prozess wird anhand
von drei unterschiedlicher Leistungskennzahlen beurteilt, nämlich der Reinheit des
zurückgewonnenen CO2, der Ausbeute an CO2 und des spezifische Energieverbrauchs.



Zusammenfassung Zusammenfassung

Die nummerische Studie zeigt, dass bei einer Minimierung des radialen thermischen
Widerstandes vielversprechende Ergebnisse erzielt werden können. Hohe Reinheiten
und hohe Ausbeuten sowie ein geringerer spezifischen Energieverbrauch als bei den
Referenzverfahren, der Aminwäsche, kann erzielt werden, wenn optimale Parameter
ausgewählt werden.

Diese Arbeit zeigt, dass der indirekt beheizte und gekühlte TSA-Prozess eine vielver-
sprechende alternative zur CO2 Trennung ist.
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Roman Symbols

Symbol Description Unit
a structure parameter -
as surface to volume ratio 1/m
aspec surface area m2

A area m2

A1 model parameter Pa·s/m2

A2 model parameter kg/m4

A3 parameter for uncertainty estimation 1/mol

A4 parameter for uncertainty estimation 1/mol

Aheat conductivity dimensionless parameter for convective heat conductivity -
∆A differential surface area m2

b Langmuir parameter 1/bar
BZBS Zehner/Bauer/Schlünder model parameter -
c concentration mol/m3

cp heat capacity J/kg·K
d diameter m
dp particle diameter m
dpore pore diameter m
D diffusion/dispersion coefficient m2/s
f function -
F function -
g gravity m/s2

gAdsorpt specific free enthalpy of the adsorpt phase J/kg
gfluid specific free enthalpy of the fluid phase J/kg
Ġ mole source/sink term mol/s
h triangle height m
H height m
Ḣ convective heat flow W
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∆Hads heat of adsorption kJ/mol

I direction vector -
k x,y,z coordinate m
kLDF linear-driving-force kinetic parameter 1/s
Krad model parameter of convective heat conductivity -
mscale scaling factor -
ṁ mass flow kg/s
ṁg mass flow density kg/m2·s

M molecular weight g/mol

Ṁ mass flow kg/s
ṅ mole flow mol/s
N moles mol
N Zehner/Bauer/Schlünder model parameter -
Ṅ mole flow mol/s
p pressure bar
p parameter vector -
P probability -
q loading mol/kg
qeq equilibrium loading mol/kg
q∞ saturation loading mol/kg
Q̇ conductive heat flow W
r radial coordinate or radius m
rp particle radius m
R radius m
R ideal gas constant J/mol·K

s uncertainty -
t time s
T temperature K
u velocity m/s
U inner energy J
V volume m3

VD atomic diffusion volumes cm3

V̇ volume flow m3/s
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∆V differential volume m3
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Ẇ heat source/sink W
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φMaxwell Maxwell parameter -
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σ standard deviation -
τ stress tensor Pa
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CO2 carbon dioxide
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exp experimental
f fluid
g gas phase
HEX heat exchanging fluid
i component i / inner
j component j
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lit literature
n normal conditions
N component N
N2 nitrogen
o outer
overall overall coefficient
p particle
r radial
Rad radial
s surface / solid
tot total
w wall
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z axial
α heat transfer
∆ triangle
λ conductive

Superscripts

Symbol Description
* equilibrium
a adsorption
diff free gas diffusion
eq equilibrium
h heating
i component i
Kn Knudsen
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1 Introduction

The separation of carbon dioxide (CO2) is a major task in several industrial processes.
In cryogenic processes, it is necessary to remove any condensable components to avoid
solid plugging in the cryogenic unit [1–3]. CO2 can also be a catalyst poison and its
removal in such processes is mandatory [1]. In addition, there are processes in which
it is desirable to recover the CO2 for subsequent processing, such as Enhanced Oil
Recovery [1].

Another important CO2 capture process that has received increasing attention over
the past years is the removal of CO2 from flue gases emitted by fossil fueled power
plants since anthropogenic CO2 emissions are one of the main causes of global warming.
A reduction in emissions is not expected in near future since the economic growth
of developed and emerging countries will increase the demand for electricity. The
International Energy Agency (IEA) assumes in its New Policies Scenario that an
increase of over 70% in the demand for electricity between 2010 and 2035 is expected,
with coal remaining the backbone fuel for the generation of electricity [4]. Therefore,
concepts such as carbon capture and sequestration (CCS) or carbon capture and use
(CCU) have been proposed in recent years [5–7]. The goal of CCS and CCU is to
capture approximately 90% of the emitted CO2 [8], and to recover the separated CO2
with high purities (>95% [9]) in order to compress and store it, or to use it for another
process, and therefore reduce the amount of CO2 that is released into the atmosphere.
In recent years important steps towards a reduction in CO2 emissions have been made,
including the Clean Power Plan [10] and the Paris Agreement in 2015 [11]. Nonetheless,
a complete neglect of fossil fuel power plants in the near future is not expected; therefore,
CCS and CCU continue to play a major role in the reduction of CO2 emissions. The
costs of carbon capture systems remain high and the reduction of these costs is an
essential task for carbon capture development [5, 12].

There are three general routes for capturing CO2 from fossil fuels power plants: the
oxy-fuel combustion, the pre-combustion capture, and the post-combustion capture [13].
Since the oxy-fuel combustion and the pre-combustion routes cannot be retrofitted to
existing power plants, which is essential for a reduction in CO2 emissions, only the
post-combustion route can be used for existing fossil fuel power plants [13]. A schematic
of the post-combustion route is shown in Figure 1.1.

Amine wash units are considered one of the most suitable technologies for post-
combustion capture since this technology is widely used for CO2 capture in several
industrial processes [14–16]. However, the main drawback is its high energetic demand for
the solvent regeneration that reduces the power plant efficiency [14]. New developments
have reduced the specific energetic requirements to ≈ 2.7 MJ/ kgCO2

[17]. This energetic
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Figure 1.1: Schematic representation of the post-combustion CO2 capture route.

demand remains high and the development of CO2 capture technologies with decreased
energetic demand is essential in order to reduce the costs of CCS [1]. In addition to the
amine wash, other technologies have been proposed for post-combustion CO2 capture,
such as membrane processes or adsorptive processes. The different technologies are
presented in the following sections with a focus on the adsorptive processes.

1.1 Absorption processes

Absorption processes can be classified into two categories [1]:
• Physical absorption
• Chemical absorption

For the removal of CO2, physical absorption processes are generally suitable if the
CO2 partial pressure is high and the temperature is low [1]. On the other hand, if
the partial pressure of CO2 is low and the temperature is relatively high, chemical
absorption processes are more suitable [1]. From an energetic perspective, the chemical
absorption process is more demanding than the physical absorption process because of
the chemical bonds [1]. A schematic representation of the equilibrium characteristics of
the physical and chemical solvents are illustrated in Figure 1.2. Since the pressure of the

Figure 1.2: Schematic representation of the equilibrium characteristics of physical and
chemical absorption taken from [1].



1.2 Membrane processes 3

Figure 1.3: Schematic representation of the chemical absorption process using amine solvents
taken from [18].

flue gas in the post-combustion capture route is not high, the partial pressure of CO2 is
low. Futhermore, the temperature of the flue gas is high, which makes the chemical
absorption process adequate for this separation process, despite the higher energy cost
for regeneration. Amine-based solvents are used in chemical absorption processes for
separating CO2. One of the most common used amine solvents is Monoethanolamine
(MEA). As a primary amine it has excellent reactivity and absorption capacity [18].
In addition to MEA, Diethanolamine (DEA) or Methyldiethanolamine (MDEA) are
often used as amine-based solvents. The chemical absorption process using amine-based
solvents consist of two steps: absorption and solvent regeneration. Each step takes
place in a different tower. The CO2 is absorbed into the amine solution in the absorber
tower [16]. The loaded solvent is then regenerated in the regenerator by stripping with
water vapor at 100°C to 120°C [16], and the water is condensed leading to nearly pure
CO2 [16]. A schematic representation of the chemical absorption process using amine
solvents to capture CO2 is illustrated in Figure 1.3. Since the energetic demand is
high during the regeneration step, improvements in process technology and solvent
development have recently been topics of research to make CCS feasible [1, 14,17–20].

1.2 Membrane processes

The principal role of membranes is to separate two components with a thin, semiperme-
able barrier; the components are separated on the basis of the different rates at which
they permeate through this thin barrier. This rate of permeation is driven by a change
in chemical potential between both phases, consequently a pressure difference between
both phases is required. The separation of CO2 and nitrogen (N2) with membranes is
not a demanding task since membranes with high selectivity and high permeances have
been developed [21]. The problem with CCS is the scale of the processes and the large,
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Figure 1.4: Schematic representation of the multi-stage membrane process by Merkel et
al. [21].

expensive, and energy consuming compression equipment that is necessary because of
the large volume that must be processed [21]. According to Merkel et al. [21], only a
pressure ratio of five can be afforded for CCS and it is preferable to use a vacuum on
the permeate instead of compressing the feed. They also propose a multi-stage design
which incorporates counter-flow/sweep membrane modules in order to make the process
for CCS feasible. A schematic representation of the process is shown in Figure 1.4. The
necessity of using a vacuum is one of the major limitations of this process.

1.3 Adsorption processes

Adsorption processes can be categorized into Pressure Swing Adsorption (PSA) processes
and Temperature Swing Adsorption (TSA) processes. To regenerate the adsorbent a
pressure difference is used in PSA processes, whereas in TSA processes the temperature
is increased. Both processes have been investigated as potential technologies for CCS.

1.3.1 Pressure Swing Adsorption

The pressure difference that is required for the PSA process can either be achieved
by compression of the feed or by the use of a vacuum during the regeneration step.
Since the volume flow treated for CCS is large, a vacuum for regeneration is usually
preferred instead of compression of the feed, similar to the membrane processes. This
process is also referred as the Vacuum Swing Adsorption (VSA) process. A schematic
representation of a VSA process for CO2 capture is illustrated in Figure 1.5. Despite
significant research on VSA processes for post-combustion CO2 capture in recent
years [22–26], the VSA process has the same major drawback as the membrane process:
the necessity of the use of a vacuum.
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Figure 1.5: Schematic representation of a VSA process taken from [22].

1.3.2 Temperature Swing Adsorption

TSA processes are usually applied to remove trace components, because of the long cycle
times. Since the component that must be separated binds strongly to the sorbent in the
TSA process, high purities of the product stream can be achieved. A hot regeneration
gas is often used to regenerate the sorbent, meaning a direct heating of the bed is used.
A schematic representation of a classical TSA process is illustrated in Figure 1.6. Since
adsorption is an exothermic process, heat is released during the adsorption step. If the
amount of impurities that must be removed is not large, the increase in temperature
will not have a negative impact on the process. Nevertheless, considering the removal
of CO2 from a flue gas, a large amount must be removed which leads to a negative
impact on the process due to the temperature increase. This limits the application

Figure 1.6: Schematic representation of a TSA process.
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of the classical TSA process for the capture of CO2 from flue gas. Another drawback
of the classical TSA process for CO2 capture from flue gas is direct heating with a
regeneration gas during the regeneration step, since the recovered CO2 is diluted. To
overcome these limitations, indirect heated and cooled TSA processes were developed.
The advantages of these processes are that the heat of adsorption can be removed during
the adsorption step, which allows higher capacities, and, because of the indirect heating
of the sorbent bed, the recovered CO2 is not diluted [13,27]. In the next sections two
promising indirectly heated and cooled TSA processes are presented.

1.3.2.1 Hollow fibers as heat exchangers

Lively et al. [13, 28–30] developed hollow fibers that are impregnated with 13X zeolite
crystals and have an impermeable inner lumen layer. Since the bore is sealed with the
lumen layer, this concept is similar to a shell and tube heat exchanger. The concept
of the hollow fibers is illustrated in Figure 1.7. They proposed to use this concept to
capture CO2 from flue gas. One of the advantages of this concept is the low thermal
resistance through the fibers since they are thin. This low thermal resistance allows
for the achievement of fast cycles. Therefore, higher throughputs and smaller units
can be envisioned. Since the flue gas is saturated with water, a dehydration unit
would be necessary in order to avoid a negative impact on the CO2 capacity of 13X. In
order to process a saturated flue gas, the workgroup developed amine supported hollow
fibers [31–35] since they can tolerate the presence of water. The idea of using amine
groups is derived from amine-based solvents that are used for chemical absorption.
Another advantage of this concept is the possibility of recovering heat since the heat
of adsorption can be captured by the cooling fluid and used to heat the module that
requires heat.

(a) Hollow fiber with imperme-
able lumen layer.

(b) CO2 capture concept.

Figure 1.7: Hollow fiber heat exchangers for CO2 capture taken from [13].
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Although this is a promising concept in the short-term, one cannot expect this concept
to be ready for industrial scale since there are still issues that must be resolved, such as
its economical scalability, since a large volume has to be treated for CCS.

1.3.2.2 Classical heat exchanger concept

In this case, concepts that are similar to heat exchangers, such as a shell and tube heat
exchanger or plate fin heat exchanger, are proposed. Fillipi [27] and Jain [36] postulated
the use of indirect heated TSA processes based on a heat exchanger to capture CO2.
The workgroup around Francis Meunier and Shivaji Sicar also postulated a concept
based on shell and tube heat exchangers. In the following section, the concepts of
Meunier and Sircar are described in detail.

Coaxial heat exchanger with fins

Bonjour et al. [37] describe a TSA process that consists of two coaxial tubes. The outer
tube is filled with adsorbent whereas the inner tube is used to pass a cooling or heating
media. In order to increase the heat transfer, the inner tube is equipped with fins on the
outer surface; a representation of the system is illustrated in Figure 1.8. This concept
was first developed for the removal of volatile organic compounds. Merel et al. [38, 39]
investigated the application of this concept for CO2 capture from flue gas, and they

Figure 1.8: Indirect heated and cooled process proposed by Bonjour et al [37].
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were able to obtain specific energy consumptions of around 6 MJ/kgCO2
and CO2 purities

≥ 94% in their experimental setup. The specific energy demand is higher than that of
the chemical absorption process using amine based solvents. Nevertheless, they assumed
that their concept would have an energy demand of approximately 4.5 MJ/kgCO2

on an
industrial scale. Clausse et al. [40] later showed in a numerical study that the energy
consumption could be decreased to 3.23 MJ/kgCO2

with a recovered CO2 purity near 95%
and a CO2 recovery of approximately 81%.

This concept has some drawbacks. First, fins are required in order to increase the heat
transfer from the heating media to the adsorbent, since the adsorbent has a low thermal
conductivity. This would increase the capital costs. Second, since non conventional
tubes are used the scalability of this concept can be considered as a drawback.

Shell and tube heat exchanger

Sircar proposed the use of a shell and tube heat exchanger type adsorber for the removal
of water and other impurities from air [3]. In this case, the adsorbent is filled inside the
tubes and to regenerate the bed, a hot heat exchanging fluid is passed through the shell
of the tube bundle. To cool the tube bundle, a cold heat exchanging fluid is passed
through the shell; a schematic representation of his concept is illustrated in Figure 1.9.
Lee and Sircar [41] and Beaver and Sircar [42] proposed the use of the shell and tube
heat exchanger type adsorber for the removal of CO2 from flue gas. They used an Na2O
promoted alumina as a reversible CO2 selective chemisorbent. During regeneration,
they used a heating medium to indirectly heat the bed. The pressure inside of the tubes
is increased due to the increase in temperature since all of the valves are closed. After

Figure 1.9: Indirect heated and cooled process proposed by Sircar [3].
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a certain pressure was reached, they used a high pressure steam to purge the vessel.
Subsequently, the steam was condensed leading to nearly pure CO2. Advantages that
they claim are that the feed gas does not have to be dried since the adsorbent is not
water sensitive, and that CO2 can be recovered at high pressures, which reduces the
compression work afterwards in CCS. They also claim to achieve a high CO2 purity of
approximately 99% and recoveries near 93% with a steam requirement of ≈ 0.44 tons
of high pressure steam per tons of CO2 product gas and ≈ 3.06 tons of low pressure
steam per tons of CO2 product gas.

One of the drawbacks of this concept is the need for high temperatures for regeneration,
since this could lead to a requirement for special materials that would increase the
capital costs. Furthermore, the use of high pressure steam would lead to a reduction in
the efficiency of the power plant. The fact that non-conventional adsorbents are used
is another drawback because of their availability and cost. Nevertheless, this concept
represents a process that is viable over the short-term, since it combines two known
unit operations: shell and tube heat exchanger or tube bundle reactors and TSA.

1.4 Motivation and goal of this work

Indirect heated and cooled adsorption processes represent a promising alternative to
CO2 capture since they do not require a vacuum or chemical solvents. They also offer
the possibility of recovering and integrating heat since in this case, one degree of freedom
is available compared to classical TSA. The shell and tube heat exchanger type adsorber
combines two state of the art unit operations: heat exchanger and TSA, which makes
it viable over the short-term. Nevertheless, a deeper understanding of this process is
required in order to design a techno-economical process, which is important for CO2
capture from flue gas. This is also one of the goals of this work, as well as the derivation
of a detailed mathematical model which is required for process design.

This work shall contribute to the investigation of the heat transfer characteristics
of beds that are packed with typical industrial sorbents, and to the adsorption and
desorption characteristics of an indirectly heated and cooled TSA process. Therefore,
an experimental setup was used to investigate the heat transfer with and without
convection in a tube that was packed with a typical industrial sorbent; this tube could
be heated and cooled indirectly. In addition, adsorption experiments were conducted
using this experimental setup. Important parameters/properties were determined using
the experimental setup in order to use them in the detailed numerical model that
was developed for modeling the indirect heated and cooled TSA process with heat
integration and heat recovery routines. Lastly, a numerical study using the obtained
parameters was conducted in order to prove the applicability of this concept to CO2
capture.
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1.5 Proposed process for CO2 capture

Similar to PSA or standard TSA processes, a minimum of two adsorbers is required in
order to deliver purified feed gas continuously. Depending on the quantity of gas that has
to be processed and the given boundary conditions, process schemes with more adsorbers
are possible. In this work, the separation process that is considered consists of three
tube bundle adsorbers with indirect heating and cooling. A schematic representation of
the process can be observed in Figure 1.10. Three vessels are used in order to reduce
the energetic demands of the process by heat integration. In addition, the cycle time
can be reduced using three vessels. Therefore, this three-adsorber concept represents
the basic case for the indirect heated adsorption process with heat integration. Each of
the adsorber vessels undergoes three different steps: adsorption, heating/desorption,
and cooling+pressurization. A schematic representation of the process scheme can
be seen in Figure 1.11. During the adsorption step, the feed gas enters the adsorber
vessel. The adsorptive is preferably adsorbed by the adsorbent material and an almost
adsorptive free stream leaves the adsorber. A heat transfer fluid passes through the
shell of the vessel in a co-current manner in order to remove the adsorption heat. After
the bed is fully loaded with the adsorptive, the heating/desorption step begins. The
outlet heat transfer fluid of the vessel that is in the cooling+pressurization step, after
passing through a heat exchanger, passes through the shell of the vessel in order to
indirectly heat the adsorbent bed. Therefore, the heat stored in the vessel that is
in the cooling+pressurization step is used to heat the vessel that is currently in the
heating/desorption step. The adsorptive begins to desorb because of the temperature

Figure 1.10: Schematic representation of the separation process using a tube bundle adsorber
with indirect heating and cooling.
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Figure 1.11: Schematic representation of the process scheme.

increase. After the heating/desorption step, the adsorbent bed is cooled. For this
purpose, the outlet heat transfer fluid of the vessel that is in the heating/desorption
step, after passing through a heat exchanger, is sent through the shell of the vessel.
Therefore, heat integration between the vessel that is in the heating/desorption step
and the vessel that is in the cooling+pressurization step is achieved. Furthermore, a
small stream from the purified feed gas is used to pressurize the vessel. This is necessary
since the temperature drop of a closed vessel would cause a pressure drop during the
cooling step.





2 Theory

The theoretical background for the investigation of the indirectly heated and cooled
adsorption process will be exposed. Special focus will be set on the heat transfer in
packed beds and the mathematical description of the indirect heated adsorption process.
Also, the methods applied for parameter estimation and general concepts of adsorption
will be exposed .

2.1 Adsorption

The following sections will introduce the fundamentals for understanding an adsorption
process. Besides the thermodynamic and kinetic theory of adsorption the type of
adsorbent used in this work will be presented. More detailed information can be found
in [43–47].

2.1.1 Fundamentals of physical adsorption

Physical adsorption is a process in which molecules, also called adsorptives, are bonded
on the surface of a highly porous solid, which is called the adsorbent. If the molecule
is bonded to the adsorbent then it is called adsorpt. The complex build by the
adsorbent and the adsorpt is known as adsorbate. The reverse process of adsorption
is desorption. In this process a bonded molecule is released from the adsorbent. A
schematic representation of adsorption and its different phases is illustrated in Figure 2.1.

Figure 2.1: Schematic representation of adsorption and its different phases according to [43].
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Figure 2.2: Schematic of the different adsorption process steps taken from [43].

The following description is based on Bathen and Breitbach [43]. The adsorption
and desorption process is a very complex combination of different mass and heat
transport phenomena. In general, the process can be divided in seven steps as is
illustrated in Figure 2.2. In the first step (1→2) the adsorptive is transported by
diffusive and convective mechanisms to the outer boundary layer. An actual boundary
layer does not exist, but it is considered as an auxiliary conception for the modeling [43].
After the adsorptive has reached the boundary layer it will diffuse through it (2→3)
before entering the pores. Inside the pores several diffusive mechanisms will take
place (3→4). Once in the pores adsorption will take place (4). Since adsorption is
an exothermic process, there is a heat transport from the pores to the bulk phase.
Inside the adsorbent the heat is transported through conduction from the pores to
the surface of the adsorbent (4→5). Similar as for the mass transport the heat is
transported through the outer boundary layer through conduction (5→6). The last
step is the transportation of heat from the boundary layer to the fluid, which occurs
in a similar matter as the mass transport, namely by convection and conduction (5→6).

Like for all thermal separation processes, the driving force for adsorption is a disturbance
of the equilibrium. The system will tend to reach a new equilibrium state. While the
thermodynamics will dictate in which direction the system will tend to the kinetics will
determine the velocity of this change. Both aspects will be presented in the following
sections after having introduced the family of adsorbents used in this work, since the
adsorbent plays a major role in the design of adsorption processes.

2.1.2 Zeolites

Zeolites are aluminosilicates with a defined lattice structure and in general with
exchangeable alkali or earth alkali cations. The primary building unit of these structures
are crystalline [AlO4]

5– and [SiO4]
4– tetrahedrons. The two most common unit cells,
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(a) Type A (b) Type X and Y

Figure 2.3: Different zeolite crystal structures taken from [45].

built from these tetrahedrons are the zeolite crystal type A and the zeolite crystal type
X and Y. A schematic illustration of these zeolite crystals can be seen in Figure 2.3.
One can observe from Figure 2.3, that the crystal build by the tetrahedrons contains
cages which can be differentiated into larger α-cages and smaller β-cages [47,48]. The
openings to the cages of the zeolite crystal type A are around 0.3-0.5 nm and the ones
for type X and Y around 0.7-0.75 nm [43]. Therefore the openings of these structures
act as sieves. This is the reason why zeolites are often called molecular sieves since
only those molecules which have a molecular diameter small enough to get through the
openings can be adsorbed. Since the metal cations are exchangeable the openings of the
zeolites can be modified. For example, if Na-cations are exchanged by K-cations the
openings can be reduced from 0.42 nm to 0.3 nm [45]. In Table 2.1 the typical effective
pore diameter (opening) for different zeolites is listed.

Table 2.1: Effective pore diameters for different zeolites taken from [45].
Structure type Cation effective pore diameter (nm)

A Na+ 0.42

A Ca2+ 0.5

A K+ 0.38

X Ca2+ 0.8

X Na+ 0.9-1

Y Na+ 0.9-1
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2.1.3 Adsorption thermodynamics

The thermodynamics fundamentals of adsorption were postulated by Gibbs in 1876 [43].
He based his concept on the assumption, that the three phase system (adsorbent,
adsorbate, and fluid phase) can be thermodynamically reduced to a two phase system
(adsorpt and fluid phase) [43]. This reduction will allow an analogy to the thermody-
namics of liquid-gas mixture [43]. The thermodynamic equilibrium is then given if the
specific free enthalpy of both phases is equal [43]:

dgAdsorpt = dgfluid

From this equality a theoretical adsorption isotherm, also called the Gibbs-Isotherm
can be derived [43]. But it was Langmuir who at first derived an actual adsorption
isotherm based on a physical model [45].

2.1.3.1 Langmuir adsorption isotherm

The Langmuir adsorption isotherm is based on the following assumptions [43]:
1.) adsorption sites are energetically uniform
2.) all adsorption sites can be occupied
3.) there is no interaction between the adsorbed molecules
4.) there is only a mono-layer coverage of the adsorbent surface
5.) ideal gas is considered

From the equilibrium condition, which implies that the adsorption and desorption rates
are equal, the following correlation can be derived [43]:

qeq
i = q∞

b(T ) · pi

1 + b(T ) · pi
(2.1)

An exemplary Langmuir adsorption isotherm at different temperatures is illustrated
in Figure 2.4. Besides the classical Langmuir adsorption isotherm, extensions of this
isotherm, e.g. the dual site Langmuir isotherm [49–51], have been used to fit experimental
measurements. The dual site Langmuir isotherm can be written as follows [49]:

qeq
i = q∞,1

b1(T ) · pi

1 + b1(T ) · pi
+ q∞,2

b2(T ) · pi

1 + b2(T ) · pi
(2.2)

2.1.4 Adsorption kinetics

Adsorption kinetics will give information about the rate of the change. The steps
that are connected to the adsorption process kinetic are the mass transfer through the
boundary layer (step 2→3 in Figure 2.2), the mass transport to the pores (step 3→4 in
Figure 2.2), and the adsorption itself [43]. Since the adsorption step is very fast [43] it
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Figure 2.4: Schematic Langmuir adsorption isotherm at different temperatures.

can in general be neglected as the rate limiting step. Therefore the limiting step would
be either the outer mass transfer or the internal mass transfer. In general the internal
mass transfer can be assumed to be the limiting step in packed beds under typical
industrial conditions [43]. The internal mass transfer can be described by different
mechanisms with:

• viscous flow
• Knudsen diffusion
• free pore diffusion

being the most common mechanisms for gas adsorption (neglecting the surface diffu-
sion) [43]. The internal mass transfer can be modeled using Fick’s law [43,45,52]:

ṁ = −Di · aspec
∂Y

∂r
= −Di · aspec

M

R · T
∂p

∂r
(2.3)

with Di being the corresponding diffusion coefficient and ∂Y

∂r
or ∂p

∂r
being the driving

force for mass transport.

A viscous flow will be present if the pores of the adsorbent are subjected to an external
pressure change [43]. In this case a laminar flow will exist in the pores larger than
the mean free path of the molecules [43]. The mass transfer can then be described by
the law of Hagen-Poisseuille which leads to the following correlation for the diffusion
coefficient [45]:

Dvisc =
p · d2

pore

32 · ηg · µ2.6
p,diff

(2.4)
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with ηg being the dynamic viscosity and µp,diff being the tortuosity for free gas diffusion.

If the pores are smaller than the mean free path of the molecules, which would be the
case for a Knudsen number higher than 10 (Kn > 10) then the governing mechanism is
Knudsen diffusion [43]. In this case the impact between the molecules and the wall of
the pores dominate the mass transfer [43]. The resulting diffusion coefficient can be
written for Knudsen diffusion as [45]:

DKn = 4
3
dpore

µ1.7
p,diff

√
R · T

2 · π ·M (2.5)

Free pore diffusion will be the existing mechanism if the Knudsen number is lower
than 0.1 (Kn<0.1) which means that the pores are larger than the mean free path
of the molecules [43]. The impact between the molecules will then dominate the
mass transport [43]. The diffusion coefficient for this mechanism can be postulated as
follows [45]:

Ddiff = Di,N

µp,diff
(2.6)

with Di,N being the binary diffusion coefficient, which can be calculated for example,
using the correlation of Fuller [53]:

Di,N =
1 · 10−3 · T 1.75

√
1/Mi + 1/MN

p(V 1/3
Di + V

1/3
DN )2

(2.7)

where the temperature T has to be in K, the molecular weights Mi and MN in g/mol the
pressure p in atm and the atomic diffusion volumes VDi and VDN in cm3.

In general, it is very difficult to define which mechanism is the dominating one especially
at the transitions. The diffusion coefficient at the transition from Knudsen diffusion to
free pore diffusion can be calculated using the following correlation [43]:

Doverall,1 =
( 1
DKn + 1

Ddiff

)−1
(2.8)

which is also known as the Bosanquet equation [48] and for the transition between
viscous flow and Knudsen diffusion [43]:

Doverall,2 = DKn +Dvisc (2.9)
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2.1.4.1 Linear-driving-force model (LDF-model)

Homogenous models for describing the kinetics are often used, since in industrial
processes the dominating mechanism is not usually known [43]. Also, if the radial
concentration of the adsorbent particle would be considered the numerical complexity
would be increased [45, 54]. In the homogeneous model the concentration inside the
adsorbent is assumed as radial independent and the entire mass transfer resistance is
set at the boundary layer:

∂qi

∂t
= kLDF,i (qeq

i (pi)− qi(p∗i )) (2.10)

A schematic representation of the model can be seen in Figure 2.5. This model is also
known as the Linear-Driving-Force (LDF) model. The LDF-model is widely used in
industry [43] and represents a suitable option for modeling the adsorption kinetics. The
mass transfer coefficient kLDF can be postulated as follows [48]:

kLDF,i = 15Deff,i

r2
p

(2.11)

with the effective diffusion coefficient Deff,i as [43,45]:

Deff,i = Doverall,1

1 + ρp

εp

∂qeq
i

∂ci

≈ Doverall,1
ρp

εp

∂qeq
i

∂ci

(2.12)

The approximation of equation 2.12 derives from the thought that the amount of the
molecules in the void space of the pores is negligible compared to the amount adsorbed
on the solid phase [45]. Over the years, several authors have studied the validity of the
LDF-model and also postulated modified LDF-coefficients [50, 55–57]

Figure 2.5: Schematic representation of the homogeneous kinetic model (LDF-model).
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2.1.5 Adsorption dynamics

Information about the adsorption dynamics can be obtained by breakthrough curves. A
typical breakthrough curve can be observed in Figure 2.6. The slope of the breakthrough
curve is influenced by the adsorption thermodynamics and the adsorption kinetics.
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Figure 2.6: Typical breakthrough curve.

2.1.5.1 The impact of adsorption thermodynamics

If the equilibrium theory is assumed, which implies that the adsorption kinetics is
fast, dispersive effects are neglected, and isothermal conditions and a constant velocity
are assumed, the following correlation can be postulated for the concentration front
velocity [45]:

uconc = u0/ε

1 + 1− ε
ε

ρp
∂qeq

i
∂ci

(2.13)

The concentration velocity is inverse proportional to the slope of the adsorption isotherm,
which implies that as the slope increases, the concentration front velocity slows. If
the isotherm is linear, the concentration profile will be a step traveling through the
vessel. On the other hand, if a Langmuir isotherm is considered, which has a large
slope at the beginning but decreases and tends to zero when saturation is reached, the
shape of the traveling front will change across the bed. This occures because for lower
concentrations the slope is high and the velocity will be decreased, whereas for higher
concentrations the velocity will be increased since the slope is lower. This would lead to
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Figure 2.7: Self sharpening effect when a Langmuir-isotherm is considered (t2 > t1).

a self-sharpening effect since the velocity of the higher concentrations is faster than the
velocity for the lower concentrations. A schematic representation of the self-sharpening
effect when a Langmuir isotherm is considered is shown in Figure 2.7.

2.1.5.2 The impact of adsorption kinetics

If the mass transfer resistance is increased, then it is expected that the mass-transfer-zone
(MTZ) will increase, which would lead to flatter breakthrough curves. On the other
hand, if the mass transfer resistance is decreased (faster kinetics), a smaller MTZ is
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Figure 2.8: Influence of the kinetic on the breakthrough curve (kLDF,1 < kLDF,2 < kLDF,3).
The lower the kinetic factor (higher mass transfer resistance) the flatter the
breakthrough curve.

expected, which would lead to sharper breakthrough curves. This is also observed in
Figure 2.8 where breakthrough curves that were obtained by using different kinetic
parameters are plotted.

2.2 Heat transfer in packed beds

Heat transfer in packed beds has been a topic of investigation for several decades. The
complex morphology of the investigated system makes it difficult to understand all of
the physical phenomena that occur in packed beds. This is reflected in the modeling of
packed beds since several models have been postulated. In general, the modeling of
heat transfer in packed beds can be divided in two groups [58], discreet models and
continuum models, as shown in Figure 2.9. The idea of the discreet models is to describe
the bed as a multidimensional network of perfectly stirred tanks [59,60], which makes
these models very flexible [58]. Nevertheless, not all of the model parameters can be
derived theoretically and experimental measurements are therefore required [58].

Continuum models, on the other hand, treat each phase, fluid and solid, as a continuum,
which allows for the use of Fourier’s law to describe the conductive heat transfer [61]. The
heat conduction coefficient of these phases must be seen as an effective coefficient. As
shown in Figure 2.9, continuum models can also be divided into two groups: homogeneous
models and heterogeneous models. Heterogeneous models treat each phase individually,
meaning that the gas phase and the solid phase are modeled separately. Homogeneous
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Figure 2.9: Most common models for the description of heat transfer in packed beds.

models on the other hand, do not differentiate between the solid and gas phases; thus,
they assume thermal equilibrium between both phases [62].

2.2.1 Heterogeneous model

The heterogeneous model considers both phases individually and couples them through
heat transfer from one phase to the other. Since the axial heat conduction can be
neglected in wall heated or cooled packed bed tubes [58,63–65], the following simplified
energy balance at stationary conditions can be derived [58]:

Fluid

Λr,f

(
1
r

∂Tf

∂r
+ ∂2Tf

∂r2

)
− asαf,s (Tf − Ts) = u0ρfcp,f

∂Tf

∂z
(2.14)

Solid

Λr,s

(
1
r

∂Ts

∂r
+ ∂2Ts

∂r2

)
+ asαf,s (Tf − Ts) = 0 (2.15)

A detailed derivation of these equations is not discussed at this point since the derivation
of energy balances is presented in Section 2.3. As shown in equations (2.14) and (2.15),
convection is only considered in the fluid phase. The boundary conditions for each
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Table 2.2: Boundary conditions for the heterogeneous model according to [58].
Fluid Solid

∂Tf

∂r
|r=0 = 0 ∂Ts

∂r
|r=0 = 0

Λr,f
∂Tf

∂r
|r=ri

= αw,f(Tw − Tf) Λr,s
∂Ts

∂r
|r=ri

= αw,s(Tw − Ts)

phase can be taken from Table 2.2.

The heterogeneous model offers the possibility of modeling more complex physical
processes in the solid phase [58], since the solid phase is modeled individually. Nev-
ertheless, the heterogeneous model has some disadvantages over the homogeneous
model. On one hand, the numerical complexity of the heterogeneous model is higher
than the numerical complexity of the homogeneous model, which generally do not
impose a significant disadvantage [58]. On the other hand, it is difficult to obtain the
model parameters from individual experiments or rather, to individually measure the
temperature of the solid and the gas phase [58].

2.2.2 Homogeneous model

Compared to the heterogeneous model, the homogeneous model does not differentiate
between the solid and gas phases. As demonstrated in Figure 2.9, the homogeneous
model can be divided into two sub-models [61]:

• Λr-model
• αw-model

2.2.2.1 Λr-model

In the Λr-model the porosity of the bed is not considered constant across the bed; instead
a porosity distribution is considered. This porosity distribution leads to radial distributed
parameters. Therefore, the velocity or the effective heat conduction coefficient of the
bed are functions of the radius. The energy balance can be written as follows [66]

(ε(r)cp,gρg + (1− ε(r))cp,pρp) ∂T
∂t

+ u0(r)ρgcp,g
∂T

∂z
=1
r

∂

∂r

[
Λr(r)r

∂T

∂r

]

+ ΛAx(r)∂
2T

∂z2 + ẇ(r)
(2.16)

The radial boundary conditions are tabulated in Table 2.3.
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Table 2.3: Boundary conditions for the diabatic Λr-model according to [64].
r = 0 r = ri

∂T

∂r
= 0 T = Tw

Different models have been postulated for the porosity distribution. Giese [67] for
example, proposed the following correlation for describing the porosity distribution of
the bed:

ε(r) = ε∞

(
1 + 1.36 exp

(
−5R− r

dp

))
(2.17)

Eigenberger and Bey [68] proposed a porosity distribution that is divided into two
regions, including a core region and a region adjacent to the wall:

εwall = 0.24 + (1− 0.24) · r2
∗ for r∗ < 0 (2.18)

εcore = ε∞ + (0.24− ε∞) exp
(
− r∗10

)
cos

(
π

0.876r∗
)

for r∗ ≥ 0 (2.19)

For r∗, they proposed the following correlation [68]:

r∗ =
(
d

2 − r
)
/xmin − 1 (2.20)

xmin = 0.5
(
d−

√
(d− dp)2 − d2

p

)
(2.21)

An exemplary distribution using both correlations is plotted in Figure 2.10. Figure 2.10
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Figure 2.10: Exemplary porosity distributions using the correlations of (a) Eigenberger and
Bey [68] and (b) Giese [67] with ε∞=0.4, R=16 mm and dp=3 mm.
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Figure 2.11: Schematic velocity distribution across the bed taken from [64].

shows that for both correlations, the porosity tends to one in the vicinity of the wall.
This is also expected since it is considered that the bed consists of spheres; therefore,
it is assumed that the porosity at the wall is equal to one. An overview of different
porosity distribution correlations can be taken from [64]. As mentioned before, the fact
that the porosity is not assumed constant and a distribution is considered leads to a
radial distribution of the velocity. Since the porosity tends to one in the vicinity of the
wall, the flow resistance is reduced, which leads to an increase in the velocity [64,69].
This increase in velocity is often referred to as bypass [64]. Figure 2.11 illustrates a
schematic representation of the velocity distribution along the radius of the bed.

The fact that a velocity distribution is taken into account in the Λr-model is considered
to be one of the advantages of this model, especially for exothermic processes in diabatic
packed beds [66]. Several authors have used radial dependent parameters (e.g. effective
heat conduction, porosity, etc.) to model gas flow and heat transfer in packed beds
with a high accuracy [66, 70–74]. Nevertheless, the question arises of whether the
increase in accuracy of these models over the αw-model is significant, such that the
increase in numerical and experimental effort is justified, since an accurate porosity
distribution must be measured. Winterberg et al. [66] concluded that the αw-model
also provides accurate solutions in the absence of chemical reactions. Therefore, since
the heat released during physical adsorption is not as high as the heat released during
an exothermic chemical reaction, and since the d-to-dp ratio will be generally above the
critical one (>10 [75]) the αw-model seems to be the better choice in this case.

2.2.2.2 αw-model

The energy balance for the αw-model can be written as follows [61,73]:

(εcp,gρg + (1− ε)cp,pρp) ∂T
∂t

+ u0ρgcp,g
∂T

∂z
=Λr

r

∂

∂r

[
r
∂T

∂r

]

+ ΛAx
∂2T

∂z2 + ẇ (2.22)

The boundary conditions for this model are tabulated in Table 2.4. Equation 2.22 shows
that the model is based on the assumption of radial independent model parameters
(e.g. porosity, velocity and the effective model parameters). This model also assumes
a boundary condition of the third kind [61] between the homogeneous phase and the
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Table 2.4: Boundary conditions for the diabatic αw-model [58,61].
r = 0 r = ri

∂T

∂r
= 0 αw(Tw − T ) = Λr

∂T

∂r

wall, as shown in Table 2.4. This heat transfer coefficient was introduced in order to
consider the steep temperature increase at the vicinity of the wall [58]. The use of this
boundary condition is also the reason why this model is called the αw-model.

Contrary to the Λr-model the αw-model only requires a constant porosity. Therefore,
it is necessary to determine the mean bed porosity of the packed bed. The mean bed
porosity can be obtained by integrating the porosity distribution (e.g equation 2.17)
over the radius. Similar results to those obtained through the integration can be derived
using the empirical correlation of Sonntag [61,76]:

ε = ε∞ + (1− ε∞)0.526
d/dp

(2.23)

Since the mean bed porosity can be calculated using equation 2.23 only the dispersion
coefficients and the wall heat transfer coefficient remain as unknown model parameters.
As mentioned earlier, the axial dispersion can often be neglected in diabatic packed
beds, which reduces the number of unknown relevant parameters of the model to the
radial dispersion Λr and the wall heat transfer coefficient αw.

For the wall heat transfer coefficient, several Nusselt correlations have been postulated
over the years, which can be categorized into the following two groups:

Nuw = a1 · Rea2 · Pra3 (2.24)
Nuw = Nuw,0 + b1 · Reb2 · Prb3 (2.25)

An overview of some of the derived Nusselt correlations can be found in [63,64]. It is
shown in equation 2.24 that, in the case of no convection (Re→ 0), the Nusselt number
will tend to zero. This would mean that the system behaves as a perfect insulator,
which is not the case. Therefore, Tsotsas [64] criticized this model, arguing that the
physical meaning of the wall heat transfer coefficient vanishes when the Reynolds
number goes to zero. Nevertheless, several authors [58, 65, 70, 77, 78] postulated Nusselt
correlations based on equation 2.25, which do not have the limitation mentioned by
Tsotsas. Nilles [58,65] for example, investigated the heat transfer in packed beds at low
Reynolds numbers and postulated the following correlation [58,61,65]:

Nuw =
(

1.3 + 5
d/dp

)
λbed

λg
+ 0.19 · Re0.75 · Pr0.33 (2.26)
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Figure 2.12: Exemplary representation of the correlations of Nilles [58,65], Bey and Eigen-
berger [70] and Eurokin [77]. The parameter values that were used are listed
in the upper left corner of the figure.

which is based on equation 2.25. He was able to correlate his experimental measurements
satisfactorily. Therefore, the Nusselt correlations based on equation 2.25 are the ones
more adequate to model the heat transfer between the wall and the homogeneous phase.
An exemplary representation of different correlations is shown in Figure 2.12.

Correlations for calculating the radial dispersion will be presented in Section 2.2.4
after having introduced the correlations for the effective heat conduction of the bed λbed.

Several authors have used models based on the αw-model to simulate heat transfer in
packed beds [58,63,65,70,79–84] and have obtained good results. The use of this model
is therefore justified, as long as the d-to-dp-ratio is adequate to avoid bypass flows and
no extreme exothermic reactions/processes are considered [61]. Since the d-to-dp-ratio
will often be higher than the critical one in this work and since the heat released during
physical adsorption is lower than the heat released during an exothermic reaction the
αw-model was chosen as the adequate model for this work. Another advantage of the
αw-model is the reduction in numerical complexity [61].

2.2.3 Heat conduction in packed beds without convection

The effective heat conduction of a packed bed without convection depends on several
parameters, which can be categorized in primary influence parameters and secondary
influence parameters [61]. According to Tsotsas [64], the primary influence parameters
are the heat conduction of the solid phase (λp), the heat conduction of the fluid phase
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(λg), and the bed porosity (ε). Therefore, a functional dependency of the following type
is expected for the effective heat conduction of the bed [64]:

λbed = f(λp, λg, ε) (2.27)

if the primary influence parameters are taken into account. Besides the primary influence
parameters several other parameters can be considered as influence parameters, e.g.
heat radiation, heat conduction through the contact area, and pressure dependency
of the heat conduction of gases [69]. Also, the particle form and the particle size
distribution can have an impact on the effective heat conduction of the bed [61]. These
influence parameters are categorized as secondary influence parameters [61]. Secondary
influence parameters can often be neglected and the effective heat conduction of the
bed can be determined considering only the primary influence parameters. For example,
poly-dispersed beds can be treated as mono-dispersed beds, as long as the correct
porosity of the bed is considered [61]. Heat radiation for example, should only be
considered if high temperatures (>200 °C) are expected during the process. The
pressure dependency of the heat conduction can be neglected as long as the free mean
path of the gas molecules is smaller than the particle diameter [64]. The ratio of
both mentioned lengths is called the Knudsen number [64]. Thus, the effective heat
conduction of the bed will only depend on the pressure if the Knudsen number is
high [64]. This effect is also known as the Smoluchowski effect [64].

In order to model the heat transfer in a packed bed without convection, a mathematical
model that follows the functional dependency of equation 2.27 is required. The
postulated model should also fulfill the following conditions [61,64]:
1.) ε = 0⇒ λbed = λp

2.) ε = 1⇒ λbed = λg

3.) λg = λp ⇒ λbed = λg = λp

4.) λg →∞⇒ λbed →∞

5.) λp →∞⇒ λbed →∞

6.) λg = 0⇒ λbed = 0

7.) λp = 0⇒ λbed

λg
= Dbed

Di,N

The first four conditions are logical, and the fifth condition is only true if there is a point
contact or a surface contact between the particles [61]. Condition six can only be valid
if there is no contact or if there is a point contact between the particles [61]. The last
condition states, that the related effective heat conduction of a bed with particles that
do not conduct heat is equal to the coefficient between the effective diffusion coefficient
of the bed and the diffusion coefficient in the fluid phase [61].
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Figure 2.13: Schematic representation of the different categories for estimating the effective
heat conduction of packed beds taken from [61].

Several models for describing the effective heat conduction of the packed bed have been
postulated which can be divided in three categories [61,64]:

• Type I: Exact estimation of the temperature field (analytical or numerical)
• Type II: Coupling of resistances
• Type III(a,b): Unit cell with parallel heat streamlines(a) or with parallel

isotherms(b)
a schematic representation of the different categories can be observed in Figure 2.13.

A known model of Type I was derived analytically by Maxwell [61], and it assumes that
the particles do not influence each other [61].

λbed

λg
= 1 + 2 · φMaxwell

1− φMaxwell
(2.28)

φMaxwell = (1− ε)

λp

λg
− 1

λp

λg
+ 2

(2.29)

The use of this model is therefore suitable if diluted suspension or emulsions are
considered [61]. If a packed bed is considered, one can obtain reliable results only
for low ratios of the heat conduction of the solid and fluid phase (λp/λg < 20) [61].
Equation 2.28 also shows that this model does not fulfill condition five [64]. This is
also a limitation of this model regarding its universal applicability.

The models of Type II can be subdivided into models with resistances in series and
models with resistances in parallel. Given a fixed set of coefficient parameters, the
highest effective heat conduction will be obtained using the resistance in series model
and the lowest by using the resistance in parallel model [61]. There is a broad range
between the two limits and packed beds will lay in between these limits. Therefore,
Kirscher [61,85] proposed a model in which a parameter a will weigh the contribution
of the series connection and the parallel connection.
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λbed

λg
=



aε+ 1− ε
λp

λg


−1 + 1− a

ε+ (1− ε)λp

λg



−1

(2.30)

In other words, parameter a is a structure parameter. For packed beds, a value of 0.2
can be used for the parameter a [61]. The model of Kirscher allows an easy and fast
estimation of the effective heat conduction of the packed bed. Nevertheless, it is not
adequate for an accurate estimation [61]. In addition, the model of Kirscher does not
fulfill conditions four and five [61] and it provides an unreasonable result for condition
seven [64]

λp = 0⇒ λbed

λg
= Dbed

Di,N
= 0

One of the most known models of Type III is the Zehner/Bauer/Schlünder-model
(ZBS-model). The aim of this model is to correct the non-applicable assumption of
parallel heat streamlines by simulating spheres with non-spheres [61]. The exact contour
of these model particles is estimated using the parameter BZBS. The unit cell that
was used to derive the ZBS-model is shown in Figure 2.14. The unit cell consists of a
cylindrical core with two particle halves on opposite sides of the core and a cylindrical
shell filled with fluid that surrounds the core [61]. The idea is that only part of the
heat streamlines will pass through the fluid phase, and will have an area share of
1−
√

1− ε [86]. The other part of the heat streamlines will pass through the solid and
fluid phase, and will have an area share of

√
1− ε [86]. If the effective heat conduction of

the cylindrical core with the area share
√

1− ε is defined as λc the following correlation
can be derived using the law of resistances in parallel for the effective heat conduction
of the unit cell [86]:

λbed

λg
= 1−

√
1− ε+

√
1− ελc

λg
(2.31)

The effective heat conduction of the core is determined considering the law of resistances
in series which leads to the following integral [86]:

λc

λg
= 2

∫ 1

z=0

z · dz
(λg/λp − 1) (BZBS − (BZBS − 1)z)3 (2.32)
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Figure 2.14: Unit cell used for deriving the ZBS-model taken from [61].

Solving the integral leads to the following correlation [61,64,86]:

λc

λg
= 2
N

(
BZBS

N2
λp/λg − 1
λp/λg

ln λp/λg

BZBS
− BZBS + 1

2 − BZBS − 1
N

)
(2.33)

with

N = 1− BZBS

λp/λg
(2.34)

The parameter BZBS can be calculated using the following correlation:

ε = 1−
(

BZBS

(BZBS − 1)3

(
3− 4BZBS +B2

ZBS + 2 lnBZBS
))2

(2.35)

which can only be solved iteratively [86]. Therefore an approximate solution is usually
used which gives almost the same results [61,64,86]:

BZBS = 1.25
(1− ε

ε

)10/9
(2.36)

The ZBS-model also fulfills conditions one to six [61] and leads to the following expression
for condition seven [61]

λp = 0⇒ λbed

λg
= Dbed

Di,N
= 1−

√
1− ε (2.37)
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Figure 2.15: Comparison of the different models with the numerical results obtained by
Wakao and Kato [87] taken from [61].For the models, a porosity of ε = 0.4 was
used, whereas in the numerical study a porosity of ε = 0.395 was considered.

In Figure 2.15 a comparison of the different models with the numerical results obtained
by Wakao and Kato [87] can be observed. Figure 2.15 demonstrates that the ZBS-model
shows an excellent agreement with the numerical results that were obtained by Wakao
and Kato [87]. Therefore, the ZBS-model is the most adequate model for calculating
the effective heat conduction of the packed bed in this work.

2.2.4 Heat conduction in packed beds with convection

If convection is considered, the heat transfer inside the bed is increased because the fluid
is mixed inside of the bed, which increases the rate of heat transfer. In the αw-model,
where thermal equilibrium and a plug-flow is assumed, this increase in heat transfer rate
is considered by an increase in the effective heat conduction coefficients of the packed
bed. The effective heat conduction coefficients of the packed bed can be calculated
using the following correlations [61]:

λeff,Ax

λg
= λbed

λg
+ Pe

2 (2.38)

λeff,Rad

λg
= λbed

λg
+ Pe
KRad

(2.39)

with [61]

KRad = 7
2−

(
1− 2

d/dp

)2
 (2.40)
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If the equivalence theory of Vortmeyer [62,88]:

∂2Ts

∂z2 = ∂2Tg

∂z2

is applied to a heterogeneous-model in order to reduce it to a homogeneous model,
similar structures to equations (2.38) and (2.39) can be obtained

λeff = λbed +
ṁ2

g · c2
p,g

α · S
(2.41)

where α is the heat transfer coefficient from the solid to the fluid phase and S is the
heat transfer area per volume.

2.3 Modeling an indirect heated adsorption process

2.3.1 Mathematical model

The model is based on the assumption that all of the tubes in the bundle behave
equally. This simplifies the simulation as it allows for the simulation of only one
tube of the bundle which reduces computational time significantly. For the tube a
2D axial-symmetrical model was chosen that is coupled with a 1D model for the heat
transfer fluid. Figure 2.16 illustrates the model that is used in this work. Three different
phases are taken into account:
1.) adsorbent bed and interstitial gas phase
2.) tube wall
3.) heat transfer fluid

Figure 2.16: Representation of the model. The model is subdivided into three different
phases. The first phase (1) is the adsorbent bed and the interstitial gas phase.
The second phase (2) represents the tube wall. The heat transfer fluid is
represented by the last phase (3).
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2.3.1.1 Adsorbent bed and interstitial gas phase

In order to derive the partial differential equations (PDEs) that describe the first
phase (adsorbent bed and interstitial gas), the following assumptions are made:

• 2D axial symmetrical model
• solid and gas phase are in thermal equilibrium
• a continuum with effective physical parameters is considered (αw-model)
• gas phase is considered as ideal gas
• angular dependency of the conservation laws is neglected

Energy balance

As shown in Figure 2.17, conduction (Q̇λ) and convection (Ḣ) are considered and a
heat source/sink (Ẇ ) due to adsorption. Therefore, the energy balance is written as:

∂∆U
∂t

=Q̇λ,r − Q̇λ,r+dr + Q̇λ,z − Q̇λ,z+dz (2.42)

+ Ḣr − Ḣr+dr + Ḣz − Ḣz+dz + Ẇ

since it is a conservation law. Considering the thermal equilibrium between the solid
and gas phase, the accumulation term (∆U) is written as follows:

∆U = (εcp,gρg + (1− ε)cp,pρp)T∆V (2.43)

Figure 2.17: Differential control volume with conductive (Q̇λ) / diffusive (ṄD) flows,
convective flows (Ḣ/Ṅconv), accumulation (∆U/∆N) and a heat (Ẇ ) / mass
(Ġ) source/sink.
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where each phase is weighted by its volumetric share. The conduction term is modeled
using Fourier’s law [89]:

Q̇λ,k = q̇λ,k∆Ak = −λeff,k
∂T

∂k
∆Ak (2.44)

It must be kept in mind that the conduction term has to be related to the entire control
area since effective physical parameters are used [64]. Similar to the heat conduction
term, the convective term must be related to the entire area and not to the volumetric
weighted area of the gas phase:

Ḣk = ukρgcp,gT∆Ak (2.45)

The contribution of the gas phase to the effective density of the continuous phase is
minimal and can therefore be neglected. This leads to the following expression for the
heat source/sink Ẇ :

Ẇ = (1− ε) ρp
∑

i
∆Hads,i

∂qi

∂t
∆V (2.46)

The terms Q̇λ,k+dk and Ḣk+dk can be expressed as:

Q̇λ,k+dk = Q̇λ,k + ∂Q̇λ,k

∂k
∆k (2.47)

Ḣk+dk = Ḣk + ∂Ḣk

∂k
∆k (2.48)

by using the Taylor series [90] and only considering the first two terms, since ∆k2 « 0.
Inserting equation (2.43) until (2.48) into equation (2.42) leads to the PDE describing
the energy balance for the adsorbent bed and interstitial gas phase:

(εcp,gρg + (1− ε)cp,pρp) ∂T
∂t

+ ρgcp,g (u ◦ ∇T ) =∇ ◦ (λeff ◦ ∇T ) (2.49)

+ (1− ε) ρp ·
∑

i
∆Hads,i

∂qi

∂t

The effective heat conduction coefficients can be taken from equations (2.38) and (2.39).

Component mass balance

Similar to the energy balance the mass balance is also a conservation law which leads
to the following postulate (Figure 2.17):

∂∆Ni

∂t
=Ṅi,D,r − Ṅi,D,r+dr + Ṅi,D,z − Ṅi,D,z+dz (2.50)

+ Ṅi,conv,r − Ṅi,conv,r+dr + Ṅi,conv,z − Ṅi,conv,z+dz + Ġi
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Ṅi,D,k represent the diffusive flows and Ṅi,conv,k the convective ones. Since adsorp-
tion/desorption is considered a mass source/sink (Ġi) must be taken into account. The
change in mass (∆Ni) of component i is modeled as follows:

∆Ni = εci∆V (2.51)

The diffusive flows are postulated using Fick’s law [52,91]:

Ṅi,D,k = −Deff,k
∂ci

∂k
∆Ak (2.52)

with Deff,k as the dispersive coefficient and the convective flows as:

Ṅi,conv,k = ukci∆Ak (2.53)

Similar to the energy balance these terms must be related to the entire area and not
only to the volumetric weighted area of the gas phase. The model parameters are,
therefore, effective parameters. The mass source/sink is modeled using the following
equation:

Ġi = − (1− ε) ρp
∂qi

∂t
·∆V (2.54)

Like for the energy balance, the terms Ṅi,D,k+dk and Ṅi,conv,k+dk are approximated using
the Taylor series [90] and only considering the first two terms:

Ṅi,D,k+dk = Ṅi,D,k + ∂Ṅi,D,k

∂k
∆k (2.55)

Ṅi,conv,k+dk = Ṅi,conv,k + ∂Ṅi,conv,k

∂k
∆k (2.56)

Inserting equations (2.51) to (2.56) into equation (2.50) leads to the PDE describing
the mass balance of component i:

ε
∂ci

∂t
+∇ (u ◦ ci) =∇ ◦ (Deff ◦ ∇ci)− (1− ε) ρp ·

∂qi

∂t
(2.57)

The dispersion coefficient is calculated using the following correlation [61]:

Deff,k

Di,N
= Dbed

Di,N
+ Pe0,m

Kk

(2.58)

which is derived using the analogy between heat and mass transfer and with Dbed
as [61]:

Dbed

Di,N
= 1−

√
1− ε (2.59)
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This correlation for the effective bed diffusion coefficient Dbed is similar to the correlation
that is used to describe the effective heat conduction, which is again a consequence of
the analogy between heat and mass transfer.

Global mass balance

Since temperature and pressure change in the adsorbent bed, the gas density and
therefore the gas velocity is influenced along the adsorbent bed [92]. In order to consider
the change in velocity, a PDE is necessary. The global mass balance is used in order
to find the velocity distribution in the bed [92]. Adding the component mass balances
over the number of components j leads to the following PDE:

∑
j
ε
∂ci

∂t
+
∑

j
∇ (u ◦ ci) =

∑
j
∇ ◦ (Deff ◦ ∇ci) +

∑
j

(1− ε) ρp ·
∂qi

∂t
(2.60)

The sum of the diffusive/dispersive flows must be equal to zero [93], which simplifies
the PDE to:

∑
j
ε
∂ci

∂t
+
∑

j
∇ (u ◦ ci) = −

∑
j

(1− ε) ρp ·
∂qi

∂t
(2.61)

Using Dalton’s law, which implies that the pressure of a system of ideal gases is equal
to the sum of the partial pressure of the gases [94]:

p =
∑

j
pi (2.62)

using the ideal gas equation:

p · V = N ·R · T
⇒ p = c ·R · T (2.63)

shows that the concentration of the system is equal to the sum of the concentration of
the components:

c =
∑

j
ci (2.64)

Inserting equation (2.64) into equation (2.61) leads to the PDE describing the global
mass balance:

ε
∂c

∂t
+∇ (u ◦ c) = −

∑
j

(1− ε) ρp ·
∂qi

∂t
(2.65)
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Momentum balance

The momentum balance can be derived in a similar manner to the mass and energy
balance, since it is also a conservation law. A balance over a control volume leads to
the following PDE [93]:

∂

∂t
ρgu = − [∇ ◦ φ] + ρgg (2.66)

where φ represents the combined momentum flux between molecular and convective
momentum and ρgg is the gravitational force. The combined momentum flux is written
as [93]:

φ = pI + τ + ρguu (2.67)

where I is the unit vector pointing in the x,y,z directions and τ is the stress tensor.
Inserting equation (2.67) into equation (2.66) leads to the following PDE [93]:

∂

∂t
ρgu = − [∇ ◦ ρuu]−∇p− [∇ ◦ τ ] + ρgg (2.68)

where the velocity is the independent variable. Nevertheless, the velocity is determined
using the global mass balance. Therefore, a correlation between the velocity and the
change of pressure can be derived using equation (2.68):

−∇p = ∂

∂t
ρgu+ [∇ ◦ ρuu] + [∇ ◦ τ ]− ρgg (2.69)

If the gravitational force is neglected and if it is assumed that the velocity reaches a
stationary profile immediately then equation (2.69) simplifies to:

−∇p = [∇ ◦ τ ] + [∇ ◦ ρuu] (2.70)

The pressure change or pressure drop in fixed beds has often been modeled using
semi-empirical correlations with a contribution of the viscous drag at the surface of the
particles and a turbulent contribution [95]:

−∇p = A1u+ A2u
n (2.71)

The transition from laminar to turbulent is according to Damköhler [96] at Reynolds
number between 30 and 70 (30≤Re<70). If equation (2.71) is compared to equa-
tion (2.70) one can see that the structure of both equations is similar. Therefore, one
can assume, that the semi-empirical equations are based on equation (2.70) and were
fitted with experimental data. This leads to less numerical intensive equations for the
momentum balance. The most common semi-empirical correlation for describing the
pressure drop in fixed beds is the correlation according to Ergun [92,97]:
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−∇p = 150(1− ε)2

ε3d2
p

ηgu+ 1.751− ε
ε3dp

ρgu
2 (2.72)

with ηg being the dynamic viscosity. The correlation of Wilke is used in order to
determine the viscosity of the gas mixture [98]:

ηg =
∑

i

yiηgi∑
j yjθij

(2.73)

where θi,j is calculated using the approximation by Herning and Zipperer [98]:

θi,j =
(
Mj

Mi

)1/2
(2.74)

Kinetic model

The LDF-model is used to describe the adsorption kinetic in the indirect heated and
cooled adsorption process:

∂qi

∂t
= kLDF,i(q∗i − qi) (2.75)

The LDF coefficient kLDF,i can be calculated according to equation (2.11).

2.3.1.2 Tube wall

No mass transfer or momentum transfer needs to be considered in the tube’s wall
since they are assumed solid and not permeable (e.g. steel). Therefore, only the
energy balance with conductive contribution needs to be considered, as illustrated in
Figure 2.18. A balance over the control volume leads to the following equation:

∂∆Uw

∂t
=Q̇w,λ,r − Q̇w,λ,r+dr + Q̇w,λ,z − Q̇w,λ,z+dz (2.76)

The following PDE can be derived from equation (2.76):

ρwcp,w
∂Tw

∂t
= ∇ ◦ (λw∇Tw) (2.77)

using Fourier’s law [89] to describe Q̇w,λ,k and approximate Q̇w,λ,k+dk with the Taylor
series [90] and using for the accumulation term:

∆Uw = ρwcp,wTw∆V (2.78)
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Figure 2.18: Differential control volume of the tube wall with conductive (Q̇wλ) flows and
the accumulation term (∆Uw).

The heat conduction coefficient of a solid can often be assumed as homogeneous and
temperature independent. This simplifies equation (2.77) to:

ρwcp,w
∂Tw

∂t
= λw∇ ◦ (∇Tw) (2.79)

2.3.1.3 Heat transfer fluid

To derive the model equations that describe the heat transfer fluid, the following
assumptions are made:

• 1D model
• co- or counter-current flow is assumed
• pressure drop is neglected
• triangular layout of the tubes in the bundle

Since no pressure drop is considered and no mass transfer to the solid can occur, only
the heat balance is necessary to describe the heat transfer fluid phase. The following
energy balance can be postulated considering Figure 2.19:

∂∆UHEX

∂t
= Q̇HEX,λ,z − Q̇HEX,λ,z+dz + ḢHEX,z − ḢHEX,z+dz + Q̇α (2.80)



42 2 Theory

Figure 2.19: Differential control volume of the heat transfer fluid with conductive flows
(Q̇HEXλ), convective flows (ḢHEX), heat transfer flows (Q̇α), and the accumula-
tion term (∆UHex).

The conductive flow can be modeled using Fourier’s law [89]. The convective flow and
the accumulation term can be expressed as:

ḢHEX, z =ρHEXcp,HEXuHEX,zTHEX∆Az (2.81)
∆UHEX =ρHEXcp,HEXTHEX∆V (2.82)

and the heat transfer flow can be expressed as:

Q̇α = αHEX∆Asurf(THEX − Tw|r=ro) (2.83)

where Asurf is the surface area. Inserting equations (2.81) to (2.83) into equation (2.80)
leads to the PDE describing the energy balance of the heat transfer fluid:

ρHEXcp,HEX
∂THEX

∂t
+ ρHEXcp,HEXuHEX,z

∂THEX

∂z
= ∂

∂z

(
λHEX

∂THEX

∂z

)
(2.84)

+ φαHEX(THEX − Tw|r=ro)

if the terms Q̇HEX,λ,z+dz and ḢHEX,z+dz are approximated using the Taylor series (see
equation (2.47) and (2.48)). The PDE was derived only considering the area in which
the heat transfer fluid flows in the shell of the tube bundle and not the entire area.
The coefficient φ represents the surface to volume ratio, which relates the surface that
is available for heat transfer with the volume of the fluid. In order to estimate φ, a unit
cell of the tube bundle is considered as noted in Figure 2.20 by the dotted line. The
area of the equilateral triangle is:

A∆ = 1
2 · 1.25 · do · h =

√
3

4 · 1.252 · d2
o (2.85)

Since the entire area is not penetrated by the heat transfer fluid, the area of the tubes
within the triangle must be subtracted. The resulting area and volume are:
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Figure 2.20: Schematic representation of the tube layout. The dotted line represents the
unit cell for the estimation of the surface to volume ratio φ. The distance
between each center point is 1.25 do.

AHEX = A∆ − Acirc =
√

3
4 · 1.252 · d2

o − 3 · 60◦
360◦ · π · r

2
o

= d2
o

4 ·
(√

3 · 1.252 − π

2

)
(2.86)

VHEX = AHEX ·H (2.87)

The surface of the tubes in the unit cell is:

Asurf = 3 · 60◦
360◦ · π · do ·H = 1

2 · π · do ·H (2.88)

which leads to the following equation for φ:

φ = Asurf

VHEX
= π

ro ·
(√

3 · 1.252 − π

2

) (2.89)

The velocity uHEX,z is calculated from the mass flow as follows:

uHEX,z = ṀHEX,z

ρHEX(THEX) · AHEX,tube
(2.90)

The area AHEX,tube represents the area of the heat exchanging fluid per tube and can
be calculated using the following equation:
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AHEX,tube = π · do ·H
φ ·H

= π · do
φ

(2.91)

2.3.1.4 Boundary conditions

In order to simulate the cyclic process, boundary conditions (B.C.) are required. Each
tube bundle adsorber will change its boundary conditions according to the current step.
Therefore, only one adsorber needs to be simulated since each adsorber will undergo
the same steps.

Adsorption

The feed gas passes through the tube bundle adsorber from bottom to top during
adsorption. The heat that is released during the adsorption step is transferred through
the wall to the heat transfer fluid. The heat transfer fluid flows in a co-current manner
in order to remove the heat upwards from the adsorption front. A counter-current
flow would lead to a heating of the bed that has been saturated with the adsorptive
which would lead to a reduction of the capacity. Therefore, a counter-current flow is
not adequate during adsorption. The boundary conditions during the adsorption step
can be taken from Table 2.5.

Heating/desorption

The boundary conditions during the heating/desorption step are tabulated in Table 2.6.
As shown in Table 2.6, no gas is passed through the tube bundle adsorber during the
heating/desorption step and the adsorbent bed is heated indirectly. The required heat
is transferred from the heat transfer fluid to the adsorbent bed. In order to avoid a
pressure rise and also in order to remove the desorbed component the pressure inside
the bed is controlled.

Cooling+pressurization

The adsorbent bed transfers its heat through the tube wall to the adsorbent bed during
the cooling+pressurization step. Since a temperature drop would cause a pressure drop
in a closed vessel, some of the gas that leaves the tube bundle during the adsorption
step is sent to the tube bundle that is undergoing the cooling+pressurization step.
Since only one adsorber is being simulated, the result of the adsorption step must be
stored and then used as input during the cooling+pressurization step. This is done by
averaging the concentration of the adsorptive i at the outlet of the adsorber undergoing
the adsorption step and then using this value as input for the cooling+pressuriztion
step, as shown in Table 2.7.
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Table 2.5: Boundary conditions for the adsorption step in the process cycle.
Axial B.C. Radial B.C.

Adsorbent bed and interstitial gas

T |z=0 = T0 −λeff,r
∂T

∂r
|r=0 = 0

−λeff,z
∂T

∂z
|z=H = 0 −n ◦

(
−λeff,r

∂T

∂r
|r=ri

)
= αw(Tw − T )

ci|z=0 = yi,in · p
R · T

−n ◦
(
−Deff,r

∂ci

∂r
+ ur · ci

)
|r=0 = 0

−Deff,z
∂ci

∂z
|z=0 = 0 −n ◦

(
−Deff,r

∂ci

∂r
+ ur · ci

)
|r=ri

= 0

uz|z=0 = V̇n · pn · T0

Atube · p · Tn
ur|r=0 = 0

p|z=H = p∞ ur|r=ri
= 0

Tube wall

−λw
∂Tw

∂z
|z=0 = 0 −n ◦

(
−λw

∂Tw

∂r
|r=ri

)
= αw(T − Tw)

−λw
∂Tw

∂z
|z=H = 0 −n ◦

(
−λw

∂Tw

∂r
|r=ro

)
= αHEX(THEX − Tw)

Heat transfer fluid

THEX|z=0 = T0

−λHEX
∂THEX

∂z
|z=H = 0
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Table 2.6: Boundary conditions for the heating/desorption step in the process cycle.
Axial B.C. Radial B.C.

Adsorbent bed and interstitial gas

−λeff,z
∂T

∂z
|z=0 = 0 −λeff,r

∂T

∂r
|r=0 = 0

−λeff,z
∂T

∂z
|z=H = 0 −n ◦

(
−λeff,r

∂T

∂r
|r=ri

)
= αw(Tw − T )

−Deff,z
∂ci

∂z
|z=0 = 0 −n ◦

(
−Deff,r

∂ci

∂r
+ ur · ci

)
|r=0 = 0

−n ◦
(
−Deff,z

∂ci

∂z
+ uz · ci

)
|z=H = 0 −n ◦

(
−Deff,r

∂ci

∂r
+ ur · ci

)
|r=ri

= 0

p|z=0 = p∞ ur|r=0 = 0

uz|z=H = 0 ur|r=ri
= 0

Tube wall

−λw
∂Tw

∂z
|z=0 = 0 −n ◦

(
−λw

∂Tw

∂r
|r=ri

)
= αw(T − Tw)

−λw
∂Tw

∂z
|z=H = 0 −n ◦

(
−λw

∂Tw

∂r
|r=ro

)
= αHEX(THEX − Tw)

Heat transfer fluid

THEX|z=0 = THot

−λHEX
∂THEX

∂z
|z=H = 0
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Table 2.7: Boundary conditions for the cooling+pressurization step in the process cycle.
Axial B.C. Radial B.C.

Adsorbent bed and interstitial gas

−λeff,z
∂T

∂z
|z=H = 0 −λeff,r

∂T

∂r
|r=0 = 0

T |z=H = T0 −n ◦
(
−λeff,r

∂T

∂r
|r=ri

)
= αw(Tw − T )

−n ◦
(
−Deff,z

∂ci

∂z
+ uz · ci

)
|z=0 = 0 −n ◦

(
−Deff,r

∂ci

∂r
+ ur · ci

)
|r=0 = 0

ci|z=H = c̄i,outlet ads −n ◦
(
−Deff,r

∂ci

∂r
+ ur · ci

)
|r=ri

= 0

uz|z=0 = 0 ur|r=0 = 0

p|z=H = p∞ ur|r=ri
= 0

Tube wall

−λw
∂Tw

∂z
|z=0 = 0 −n ◦

(
−λw

∂Tw

∂r
|r=ri

)
= αw(T − Tw)

−λw
∂Tw

∂z
|z=H = 0 −n ◦

(
−λw

∂Tw

∂r
|r=ro

)
= αHEX(THEX − Tw)

Heat transfer fluid

THEX|z=0 = T0

−λHEX
∂THEX

∂z
|z=H = 0
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2.4 Parameter estimation

To estimate model parameters a statistical approach can be used since experimental
measurements have an uncertainty [99]. Therefore, if one assumes that the experimental
uncertainties are normally distributed with the standard deviation σi the optimal model
parameters will be those that show the maximum probability at the surroundings ∆θi.
The probability can be written as [99]:

P ∝
N∏
i=1

exp
−1

2

(
θi − θi,model(p)

σi

)2
∆θi


∝ exp

−1
2

N∑
i=1

(
θi − θi,model(p)

σi

)2
 · N∏

i=1
∆θi (2.92)

where p is the parameter vector; the maximal probability will be achieved if the term
in the exponential function is minimized. In other words, the maximum probability
will be reached if the least square error is minimized [99,100]:

N∑
i=1

(
θi − θi,model(p)

σi

)2

→ min (2.93)

Numerical routines such as the Gauß-Newton-routine are normally used to solve the
minimization problem for nonlinear systems.



3 Experimental setup and materials

The experimental setup used to measure the heat transfer characteristics of the adsorbent
bed and the adsorption experiments are presented in this chapter. The materials that
were used are also described in the following sections.

3.1 Materials

3.1.1 Adsorbent

The zeolite used in this work is an NaX zeolite, which is also known as 13X zeolite.
13X has a high capacity for CO2; however, in this process a high selectivity is also
desired to primarily remove CO2. A low selectivity would lead to larger beds and
to a reduced purity of the recovered CO2 if the conventional adsorption schedule is
used. As shown in Figure 3.1, this zeolite shows a high selectivity for CO2 over N2,
especially at low pressures. At high pressures, the selectivity is reduced as illustrated in
Figure 3.1. Nevertheless, the selectivity is still high which makes it a feasible candidate.
The structural properties of this zeolite are tabulated in Table 3.1.

Table 3.1: Structural proprieties of the 13X used in this work
Property Value

Micro pore volume in ml/g 0.263

Micro pore area in m2/g 589

Specific surface (BET) in m2/g 619

Mean particle diameter in mm 2.2

Bulk density in kg/m3 683
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Figure 3.1: Selectivity CO2/N2 of the 13X used in this work.

3.1.2 Flue gas

The simulated flue gas that is used in this work consists of a dry mixture of N2
(99.999%) and CO2 (99.995%). The compositions that are used in this work are shown
in Table 3.2. It is worth mentioning that the flue gas that is emitted by a power plant
is saturated with water. Water will have a negative impact on the CO2 separation
process if a conventional zeolite is used since the CO2 capacity is significantly reduced
in the presence of water. Nevertheless, since the main goal of this work is to investigate
the feasibility of the indirectly heated and cooled process for separating CO2, it is a
valid assumption to initially consider a dry flue gas, but, it must be considered that
water will have to be removed on an industrial scale using either a dehydration unit
(TSA-unit), a layered bed inside of the tube bundle, or another method if 13X is
used. The first composition simulates a typical flue gas emitted by a coal fired power

Table 3.2: Simulated flue gas compositions that are used in this work
Component Flue gas 1 Flue gas 2
N2 in % 84.8 95
CO2 in % 15.2 5
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plant. The second composition simulates a flue gas emitted by a natural gas power plant.

For the heat transfer experiments and for the activation and regeneration of the
adsorbent bed, only N2 is used.

3.2 The experimental setup

In order to investigate the heat transfer characteristics of the adsorbent bed and the
adsorption, a multipurpose experimental setup must be used. This experimental setup
will need to allow the defining of different heating and cooling temperatures. In addition,
a feed gas dosing system that enables different compositions is required. A CO2 analysis
unit with a wide range is also needed since the goal is to recover high purity CO2.
Therefore, an existing experimental setup for investigating high pressure TSA processes
was modified. A schematic representation of the modified experimental setup that was
used in this work is shown in Figure 3.2. The experimental setup consists of three
major components: the gas supply station, the adsorber, and the thermal conductivity
detector (TCD), which measures the CO2 composition. The gas is passed from the
gas supply station to the adsorber after passing through the three-way-valves, which
gives the direction in which the adsorber will be flowed through. In addition to the
main flow path (bold lines), there is a second one that is used for the analytics. A gas
selector selects the position from which the gas is analyzed inlet, outlet, or before gas
meter. The TCD, then determines the concentration of CO2 in the gas. The three main
components are further detailed in the following sections.

3.2.1 Gas supply station

The gas supply station consists of several mass flow controllers (MFCs) that are
connected to a gas cylinder with a specific pure component. With these MFCs the
exact amount of N2 and CO2 can be adjusted. The gases are then passed to a mixing
tube where the desired concentration is reached. Afterwards the gas mixture is sent to
the experimental setup. Relatively small streams can be reached since the superficial
velocity of the feed gas cannot be set too high because of thermal inlet effects and
because otherwise the residence time during adsorption would be too low. Table 3.3 gives
the amount of N2 and CO2 that were adjusted in order to reach the feed concentrations
of the different simulated flue gases used in this work.

Table 3.3: Amount of N2 and CO2 used during the adsorption experiments
Component / concentration Flue gas 1 Flue gas 2

N2 in Nl/min 0.79 0.92
CO2 in Nl/min ≈0.142 ≈ 0.048
yCO2

in % ≈15.2 ≈5
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(a) Schematic representation

(b) The experimental setup

Figure 3.2: Experimental setup and its components
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3.2.2 Thermal Conductivity Detector

The TCD (AO2020 series with Caldos27, ABB) consists of two chambers, a reference
chamber and the measurement chamber; both chambers are maintained at the same
temperature. When the gas that comes into the measurement chamber is changed, the
system must change its voltage in order to reach the temperature of the reference cell.
This change in voltage can be measured and correlated linearly with the concentration
of the component to be measured. The TCD can only be used for binary gas mixtures
with significant different heat conductivities. Since only a binary gas mixture has
been considered in this work and both components have significantly different heat
conductivities (λN2

/λCO2
≈1.6 at 30°C and 1 bar), the TCD represents an ideal method

for measuring the CO2 concentration continuously. The inlet concentration of CO2 is
varied for the different adsorption experiments and during the desorption step, high
CO2 concentrations are expected. Therefore, a calibration in a wide range is necessary.
For the adsorption experiments, a range of: 0-100 % is used. Such a wide range will
have certain uncertainties, especially at low concentrations.

3.2.3 Adsorber

The adsorber represents the main part of the experimental setup. Since the goal of this
work is to investigate an indirectly heated and cooled heat exchanger type adsorber,
a single tube can be investigated. Therefore, a hollow tube was designed in which
different tubes can be placed. Electrical heating was wrapped around the hollow tube in
order to simulate the indirect heating. Since the aim is also to cool down the adsorber
indirectly, a cooling coil was also wrapped around the hollow tube. A thermal fluid
held at a constant temperature with a thermostat is passed through the cooling coil.
Therefore, the tube that is filled with the adsorbent and placed inside of the hollow
tube can be heated and cooled quickly. A schematic representation and a picture
of the adsorber is shown in Figure 3.3. In order to avoid heat losses, insulation is
wrapped around the hollow tube and around the upper and lower cap nuts, as illustrated
in Figure 3.3. The geometrical characteristics of the adsorber are displayed in Table 3.4.

Figure 3.3 shows that several thermocouples were introduced in the adsorber unit.
On the wall of the tube, a thin thermocouple was placed in order to measure the wall
temperature. A thermocouple was also placed in the outer wall of the hollow tube to

Table 3.4: Geometrical characteristics of the adsorber tube
Parameter Value
Material Stainless steel

Height without cap nuts in cm 22.6
Inner diameter in mm 32
Outer diameter in mm 37
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(a) Schematic representation (b) Electrical heating and cooling coil

(c) External insulation

Figure 3.3: Adsorber

measure the exterior temperature. Five different thermocouples were placed inside the
tube. With these five thermocouples, the inlet temperature, the outlet temperature
and the temperature at three different radial positions can be measured. All of the
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Figure 3.4: PTFE cross used to place the radial thermocouples.

thermocouples were introduced into the tube either through the top or the bottom.
To position the thermocouples at different radial positions, a thin PTFE cross was
made in which small holes were introduced at different radial positions; the PTFE
cross is illustrated in Figure 3.4. The position of the thermocouples at different radial
positions and the thermocouple at the wall and their types are tabulated in Table 3.5.
In order to neglect the influence of the flow disturbance because of the PTFE cross on
the temperature profiles, the feed gas is introduced from top to bottom.

Table 3.5: Position of the thermocouples that are placed at different radial positions and
the thermocouple on the tube wall

Thermocouple Axial positon / cm Radial position / mm Type
TE4 11.5 18.5 K
TE5 13.05 12.52 K
TE6 13.05 9.55 K
TE7 13.05 0 K

3.2.3.1 Heat losses and constant axial wall temperature

It is necessary to reduce the heat losses for the heat transfer experiments and for the
adsorption experiments, since otherwise it cannot be assumed that the bed is being
heated equally and symmetrically along the z-axis. This would lead to a smaller region
in which the measurements could be conducted. In order to achieve a reduction of
the heat losses it is necessary to insulate the adsorber unit as mentioned earlier. In
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addition, it is necessary to compensate for heat losses at those positions with the major
heat losses. In this case, the upper and lower cap nuts represent the parts with the
highest heat losses because of their high thermal mass. To reduce the heat losses, more
electrical duty is put in the upper and lower part of the hollow tube. In order to check
the heat losses, an axial temperature profile is measured after reaching the stationary
point. The axial temperature measurement is conducted with the thermocouple TE8,
which is inserted from the top. The other thermocouples are not used during this
procedure. The thermocouple is pulled 1 cm out of the adsorber tube. Subsequently, it
is waited until a constant temperature reading is reached. This procedure is repeated
until the thermocouple reaches the top of the adsorbent bed. Figure 3.5 illustrates the
normalized axial temperature profile. At the bottom and top, the maximal temperature
is not reached at the stationary point. This means that, even with the insulation and
the increased electrical duty, the heat losses are not entirely compensated. Nevertheless,
if the adsorbent bed is only filled between 5 cm and 17 cm one can assume a constant
temperature profile and the influence of the heat losses can be significantly decreased. In
order to achieve this, glass beads are filled at the bottom and top. Figure 3.6 illustrates
how the adsorber tube is filled.

Since the heat transfer experiments and the adsorption experiments are not stationary
experiments, but transient experiments, it is necessary to check if by placing more
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Figure 3.5: Axial temperature profile measured at the stationary point. The maximal
temperature is 200 °C. The axial position represents the distance from the
bottom of the tube. The region between the thick lines represent the region of
the adsorbent
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electrical duty at the top and bottom the assumption of constant axial temperature
is still valid. This boundary condition is necessary to measure reliable temperature
profiles and to validate the experiments with the numerical simulations. Therefore,
two thermocouples are placed at the center of the adsorber tube at different axial
positions. The axial positions are chosen such that the most important part of the
bed is considered, meaning the region between the inlet and the cross. During this
procedure the adsorber tube is filled with glass beads and adsorbent. The position of
the thermocouples are outlined in Table 3.6. In Figure 3.7, the measured temperature
profiles are shown and both temperatures are almost identical. The biggest deviation
between both curves is approximately 4 K. This represents a deviation of around 5%.

Figure 3.6: Layers inside the adsorber tube
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Table 3.6: Position of the thermocouples for verifying if the assumption of constant wall
temperature is valid
Thermocouple Axial positon / cm Radial position / mm

TE4 11.5 37
TE7 13.05 0
TE8 16.9 0

Since this deviation is only at one point and not greater than 5% it is assumed that the
axial wall temperature is approximately constant over the range of interest.
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Figure 3.7: Temperature profiles at the center at different axial positions and wall tempera-
ture.

3.2.3.2 Activation of the adsorbent

To fill the adsorber tube with the adsorbent, special care is required to avoid moving
the cross with the thermocouples. This means that the adsorbent will be exposed to
the ambient air for a longer time. Zeolites have a high affinity towards water, which
reduces the capacity for CO2. Since the 13X will be exposed to the air for a longer
period of time one can assume that water will be adsorbed by the 13X. Therefore, it is
necessary to activate the bed in situ before any adsorption measurement begins. To
activate the adsorbent, the packed tube is purged for several days with N2 at high
temperatures (≈230°C). The conditions for the activation are listed in Table 3.7. In
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Table 3.7: Conditions for in situ activation
Parameter Value

N2 flow in Nl/min ≈1
Activation temperature in °C ≈230°C

time in days ≈ 7

order to determine whether the bed is fully activated, a first breakthrough curve is
measured after the adsorbent bed is activated. Then, the bed is purged with N2 again at
high temperatures for a couple of hours. After the bed is cooled, a second breakthrough
curve is measured and compared with the first breakthrough curve. The obtained
breakthrough curves are plotted in Figure 3.8; both curves overlap meaning that the
bed is fully activated.
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Figure 3.8: Breakthrough curves measured after activation (gray) and after having purged
at high temperatures the adsorbent bed for a couple of hours (black).

3.2.4 Procedure for the heat transfer experiments

In order to measure the heat transfer characteristics, the heat transfer experiments are
divided into two major parts:

• Heat transfer without convection
• Heat transfer with convection
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Table 3.8: Position, type, and measurement error of the thermocouples used during the heat
transfer experiments.

Thermocouple Axial positon / cm Radial position / mm Type Error in K
TE4 11.5 18.5 K 2.5
TE5 13.05 12.52 K 2.5
TE6 13.05 9.55 K 2.5
TE7 13.05 0 K 2.5
TE8 17 0 K 2.5
TE9 5.2 0 K 2.5

The procedure for both parts will be discussed in the following sections. The position
of the thermocouples used during the heat transfer experiments are shown in Table 3.8.

3.2.4.1 Heat transfer without convection

For the experiments without convection the procedure is as follows:
1.) The adsorbent bed is purged with N2 (1 Nl/min) at high temperatures (230 °C) for

two hours to evacuate the adsorber unit from any impurity
2.) Next, the unit is cooled down while still purging the bed with N2 (1 Nl/min) for

two hours
3.) Before starting the experiment, the boundary condition is set in the control

system:
3.1.) The heating temperature is set for experiments with a constant wall temper-

ature
3.2.) The heating duty is set for experiments with constant heat duty

4.) After setting the conditions in the control system, the bed is heated for one hour
and the temperatures inside the bed are recorded

5.) After the heating step is concluded, the electrical heating is turned off, the
thermostat is turned on, and the bed is cooled for one hour.

6.) When the cooling step is finished, the recording of the temperatures is stopped.

3.2.4.2 Heat transfer with convection

The following procedure is used for the experiments with convection:
1.) The adsorbent bed is purged with N2 (1 Nl/min) at high temperatures (230 °C) for

two hours to evacuate the adsorber unit from any impurity
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2.) Afterwards, the unit is cooled while still purging the bed with N2 (1 Nl/min) for
two hours

3.) Before starting the experiment, the N2 flow, the pressure, and the heat duty are
set in the control unit

4.) After setting the conditions, the system is pressurized to the given pressure
5.) After reaching the pressure and stable flow conditions, the electrical heating is

turned on and the temperatures are recorded. The bed is heated for one hour
6.) After the heating step is concluded, the electrical heating is turned off, and the

thermostat is turned on, and the bed is cooled for one hour.
7.) After the cooling step is finished, the recording of the temperatures is stopped.

3.2.5 Procedure for the adsorption experiments

During the adsorption experiments, the position of the thermocouples are kept as for
the heat transfer experiments (see Table 3.8) and the following procedure is used:
1.) First the flow of CO2 and N2, adsorption temperature (22 °C), and pressure (1.15

bar) are set in the control system. The regeneration temperature and the number
of cycles are also set.

2.) Next, the bed is regenerated at high temperatures (220 °C) and at adsorption
pressure under an N2 purge (1 Nl/min) for 150 minutes in order to remove any
impurities.

3.) After the heating is finished, the bed is cooled under an N2 purge (1 Nl/min) for
150 minutes to the adsorption temperature.

4.) When the cooling step is finished the pressure is checked. If the pressure does not
represent the adsorption pressure then the bed is pressurized or depressurized to
the adsorption pressure

5.) When the adsorption pressure is reached, the CO2 valve is opened and the N2
flow is adjusted to the value set in the first step. The gas is mixed at the gas
station and sent to the adsorber unit. Furthermore, the thermostat is turned on
and the temperature is set to the adsorption temperature in order to cool down
the bed during adsorption.

6.) The adsorption step is conducted until 75% of the inlet concentration is reached
at the outlet (breakthrough). The gas concentration is measured using the gas
before the gas meter.

7.) As soon as the adsorption step finishes the thermostat is turned off, the CO2 and
N2 valves are closed, and the electrical heating is turned on and the bed is heated
for one hour. The regeneration temperature is the temperature that is set in the
first step and the pressure is reduced to 1.05 bar.
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8.) After the heating step, the electrical heating is turned off and the thermostat is
turned on in order to cool the bed for one hour. The cooling temperature is the
same as the adsorption temperature. In addition, an N2 purge (0.3Nl/min) is used
to pressurize the bed again to the adsorption pressure and to compensate the
decrease of pressure during the cooling.

9.) After the cooling one cycle is completed. If the number of cycles is lower than
the number of cycles given in the first step, then Steps 4 to Step 8 are repeated.

10.) When the desired number of cycles is reached, the regeneration temperature or
the inlet concentration is changed and the procedure is started again.

3.2.6 Reproducibility of the experiments

In order to determine whether the adsorption is reproducible, four identical experiments
are conducted. The adsorption experiment is conducted until 75% of the inlet CO2
concentration is measured at the outlet of the adsorber tube. This is equivalent to Step
6 in section 3.2.5. The results are illustrated in Figure 3.9; all curves overlap meaning
that the experiments are reproducible.
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Figure 3.9: Adsorption experiments to prove the reproducibility.
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3.2.7 Mass balances and errors

To calculate the recovery of CO2 and the average purity during the heating step, it
is necessary to make a mass balance. The inlet amount of CO2 can be calculated as
follows:

Na
CO2,in,cycle = V̇n,CO2

· tads ·
pn

R · Tn
(3.1)

The amount exiting the adsorber during the adsorption step must be calculated using
the partial breakthrough curve and the gas meter. Since the gas meter only has a
resolution of 0.1 l, it is necessary to assume that the volume flow is constant during the
time that it takes to measure 0.1 liter. This is an estimation of the actual volume flow
and must be considered a probable error source. The volume flow of CO2 can then be
calculated as follows:

V̇CO2,out =



0.1l−0l
t0.1l−t0

· yCO2,out(t) for t ≤ t0.1l
0.2l−0.1l
t0.2l−t0.1l

· yCO2,out(t) for t0.1l < t ≤ t0.2l

....

....

 (3.2)

The amount of CO2 exiting during the adsorption step can be calculated by integrating
the volume flow:

Na
CO2,out,cycle = p∞

R · T∞
·
∫ tads

t0
V̇CO2,outdt (3.3)

For the heating step, the same procedure for calculating the outlet CO2 flow is used,
which leads to the following:

Nh
CO2,out,cycle = p∞

R · T∞
·
∫ tdes

t0
V̇CO2,out,desdt (3.4)

The volume flow V̇CO2,out,des during the heating step is also calculated using equation (3.2).
It has to be kept in mind, that in this case the use of the gas meter represent a possible
error source, since during the heating step a non-constant flow is expected. The reason
lies in the pressure since the pressure relief valves will only open if the pressure inside the
system is increased. This means, that at the beginning of the heating the flow exiting
the adsorber will increase. As the temperature reaches the regeneration temperature
the magnitude of the pressure rise starts to decrease. This leads to a decrease of the
flow at the outlet of the adsorber. When the system reaches a thermal equilibrium just
a very small flow will exit the system. Therefore, an error can be made while balancing
the CO2 since the resolution of the gas meter is 0.1 l.
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The N2 flow exiting the experimental setup is quantified as follows:

Nh
N2,out,cycle = p∞

R · T∞
·
∫ tdes

t0
V̇N2,out,desdt (3.5)

with V̇N2,out,des as:

V̇N2,out =



0.1l−0l
t0.1l−t0

· (1− yCO2,out(t)) for t ≤ t0.1l
0.2l−0.1l
t0.2l−t0.1l

· (1− yCO2,out(t)) for t0.1l < t ≤ t0.2l

....

....

 (3.6)

The recovery of CO2 during the heating step can then be calculated as follows:

Recovery =
Nh

CO2,out,cycle

Na
CO2,in,cycle

(3.7)

and the average purity of the recovered CO2 as:

ȳCO2
=

Nh
CO2,out,cycle

Nh
CO2,out,cycle +Nh

N2,out,cycle
(3.8)

The error caused by balancing the system is going to be quantified in the next section.

3.2.8 Error calculations

As mentioned before, some uncertainties have to be expected because of the measuring
instruments used. These uncertainties will influence the calculated values of the experi-
mental CO2 recovery and average purity. The methodical and statistical uncertainties of
the units that have an impact on the calculated values can be taken from Table 3.9. To
calculate the total methodical uncertainty the addition of the individual uncertainties
can be taken:

smethodical,total =
N∑
i=1

smethodical,i (3.9)

Table 3.9: Uncertainties of the measuring instruments. The abbreviations m.v. and e.v
means current measured value and value of the measurement range

Measuring quantity Unit Methodical Statistical Reference
CO2 concentration TCD 2% 1% [101]

CO2,N2 flow MFC ±0.5% m.v. ± 0.1% e.v ± 0.2% m.v. [102]
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The total uncertainty for each calculated value is the addition of the methodical and
statistical uncertainty:

∆Recoverytot = smethodical,total + ∆Recovery (3.10)
∆ȳCO2,tot = smethodical,total + ∆ȳCO2

(3.11)

The calculation of the statistical uncertainty for the recovery and average purity requires
first the statistical uncertainties of the individual contributions, meaning the statistical
contributions of:

• Na
CO2,in,cycle

• Nh
CO2,out,cycle

• Nh
N2,out,cycle

The statistical uncertainty of Na
CO2,in,cycle can be calculated using the statistical uncer-

tainty of the MFC:

∆Na
CO2,in,cycle = 0.002 · ṄCO2,flow · tads (3.12)

For calculating the uncertainty of Nh
CO2,out,cycle and Nh

N2,out,cycle first the integration has
to be written as a sum. Since the trapezoidal numerical integration in Matlab® has
been used the integration can be written as [103]:

F =
∫ b

a
f(x) = 1

2

N∑
n=1

(xn+1 − xn) [f(xn) + f(xn+1)] (3.13)

Using the Gaussian error propagation which can be written as [104]:

s =

√√√√( ∂f
∂xi
·∆xi

)2

+ ....+
(
∂f

∂xn
·∆xn

)2

(3.14)

and the statistical uncertainty of the TCD leads to the following for ∆Nh
CO2,out,cycle and

Nh
N2,out,cycle:

∆Nh
CO2/N2,out,cycle = p∞

R · T∞
(3.15)√(

∆1 ·
1
2(t2 − t1)

)2
+ ...+

(
∆N ·

1
2(tN+1 − tN−1)

)2

The uncertainty for each element ∆i is:

∆i = V̇CO2/N2,out,des,i · 0.01 (3.16)
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The uncertainty that would be obtained for the CO2 recovery and average purity can
then be calculated as follows by using equation (3.14):

∆Recovery =

√√√√√∆Nh
CO2,out,cycle

Na
CO2,in,cycle

2

+
 Nh

CO2,out,cycle

(Na
CO2,in,cycle)2 ·∆N

a
CO2,in,cycle

2

(3.17)

∆ȳCO2
=
√(

A3∆Nh
CO2,out,cycle

)2
+
(
A4∆Nh

N2,out,cycle

)2
(3.18)

A3 = 1
Nh

CO2,out,cycle +Nh
N2,out,cycle

−
Nh

CO2,out,cycle

(Nh
CO2,out,cycle +Nh

N2,out,cycle)2

(3.19)

A4 =
Nh

CO2,out,cycle

(Nh
CO2,out,cycle +Nh

N2,out,cycle)2 (3.20)

The highest calculated uncertainties for the adsorption experiments are listed in
Table 3.10. The total uncertainty is between 29% and 31% for the recovery and
between 21% and 23% for the average purity. It is clear that the measuring instruments
have an impact on the results. As mentioned earlier, the experimental setup that is
modified is designed for classical TSA processes at high pressures. The fact that low
pressures were used during this investigation leads to uncertainties when measuring,
especially the volume flow since the error caused by estimating it will propagate during
the numerical integration. Furthermore, during the desorption step no purge flow is
used, which leads to a small fluctuating flow caused by the temperature increase. It
is difficult to accurately measure this small fluctuating flow. This small flow will also
have a significant impact on the TCD. Nevertheless, considering the difficulty that
is present for measuring flows at almost ambient pressure and the influence of small
flows on the TCD, higher uncertainties must be considered. The obtained results are

Table 3.10: Highest calculated uncertainties. The temperature represents the regeneration
temperature THot.
Uncertainty 5% CO2 and 200 °C 15% CO2 and 200 °C

smethodical,total in % 6 5

∆Recovery
Recovery in % 25 24

∆ȳCO2

ȳCO2

in % 17 16

Total Recovery in% 31 29
Total average purity in % 23 21
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therefore acceptable, since the error is below 30%. The experiments can also be used
to determine important adsorption parameters, since for the determination the CO2,
concentration profiles and the temperature profiles are only required. These variables
are measured continuously and with higher accuracy than the volume flow.





4 Experimental results and simulations

The results of the experimental measurements regarding the heat transfer characteristics,
the adsorption characteristics, and the obtained parameters are presented in the following
sections. The adsorption isotherm used for the numerical simulations is also discussed.

For the numerical simulations, the commercial software COMSOL Multiphysics®

(COMSOL) and LiveLink™ for Matlab® (LiveLink) were used. COMSOL is a numerical
software which can solve algebraic equations and differential equations; 2D and 3D
models can be solved. The LiveLink couples COMSOL with Matlab® (Matlab). This
enables the use of the numerical solvers of COMSOL and the functionalities of Matlab.

To investigate the heat transfer and adsorption characteristics, a 2D axial symmetrical
model is used. This 2D model represents the tube used during the experiments, which
is filled with adsorbent. The entire tube is not represented in the 2D model; only the
part filled with the adsorbent. Figure 4.1 shows the geometry that is implemented in
COMSOL. In addition to the adsorbent bed the wall is also considered. The model
equations that are implemented for the adsorbent bed correspond to the derived model
equations for the adsorbent bed and the interstitial gas phase in section 2.3.1.1. No
adsorption is considered and only N2 is used as feed for the investigation of the heat
transfer characteristics. To calculate model parameters, the errors of the thermocouples
listed in Table 3.8 are used as standard deviation, and only TE5, TE6 and TE7
are considered in the optimization routines. The adsorption of the incoming CO2 is

Figure 4.1: Geometry used in COMSOL Multiphysics® for the investigation of the heat
transfer and adsorption characteristics. 1 represents the adsorbent bed and
interstitial gas phase and 2 represents the tube wall.
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considered for the investigation of the adsorption characteristics. The tube wall is
modeled using the derived model for the tube wall in section 2.3.1.2. Instead of coupling
heat transfer from a fluid to the tube wall, a constant temperature at the exterior
surface of the wall is considered as a boundary condition. The temperature that is set
at the surface represents the measured temperature of thermocouple TE4, which is
the thermocouple at the exterior surface of the experimental tube. To calculate the
adsorption parameters, the thermocouples inside the bed (TE5, TE6 and TE7) are used
and the concentration profiles are measured by the TCD.

4.1 Heat transfer in packed beds without convection

It is crucial for the indirect heated TSA process to have substantial knowledge about the
heat transfer parameters. Therefore, two different boundary conditions are used in order
to investigate the heat transfer characteristics in an adsorbent bed without convection.
The different boundary conditions are chosen in order to investigate whether the model
parameters depend on the boundary condition.

4.1.1 Constant wall temperature

For the experiments with constant wall temperature, the procedure according to
section 3.2.4.1 is used. Six different temperatures are chosen and each experiment is
conducted twice. The different temperatures used are tabulated in Table 4.1. The
temperature profiles for the different experiments of the first run are illustrated in
Figure 4.2.

The wall temperature rises relatively fast to the value that is set in the control
system. The measured temperatures inside the bed will follow the wall temperature
and increase towards the temperature set in the control system. This is also expected
since the boundary condition can be compared to a boundary condition of the first kind.
Nevertheless, the temperatures inside the adsorbent bed react slowly to the temperature

Table 4.1: Temperatures used for the experiments with constant wall temperature. Each
experiment is conducted twice.

Experiment Wall temperature in K
1 373.15
2 393.15
3 413.15
4 433.15
5 453.15
6 473.15
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change at the wall. The higher the distance to the wall, the slower the reaction to
the temperature change. Since no convection is used during these experiments the
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Figure 4.2: Measured temperature profiles for the experiments of heat transfer without
convection and with constant wall temperature.
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dominant heat transfer mechanism is heat conduction. From the temperature profiles it
is clear that the adsorbent shows a low thermal conductivity.

The low thermal conductivity of the bed can be explained by the morphology of
a packed bed. In a packed bed there are void spaces between the solid particles. These
void spaces are filled with gas. Gases have a low thermal conductivity since the molecules
have a higher degree of freedom compared to solids. Therefore, the transfer of heat
due to vibrations is lower than in solids, which is the reason for their low thermal
conductivity. The gas in the voids of the bed will therefore transfer the heat slowly.
In addition, the solid particles are porous, meaning they are also filled with the gas.
Therefore, they will have a lower thermal conductivity compared to non-porous particles
of the same material. These two reasons lead to the low thermal conductivity of an
adsorbent packed bed.

As mentioned in section 2.2.3 the ZBS-model is the most common and adequate
one to describe the effective heat conductivity of a packed bed in a homogeneous model.
Since the heat conductivity of the adsorbent particle λp is not known accurately, one
needs to determine this parameter. Also, since the homogeneous αw-model is used for
the numerical model it is advisable to determine the non-convective Nusselt number
Nu0,w in order to compare it with correlations in the literature. The reason is that the
correlations in literature for the non-convective Nusselt number were not derived using
an adsorbent bed. If the correlation of Nilles is observed (see equation (2.26)) a linear
dependency of the non-convective Nusselt number to the effective heat conductivity of
the bed can be noticed. Since the effective heat conductivity of the bed depends on λp
one can deduce that Nu0,w will also depend on λp. Therefore, it is advisable to use the
same structure as Nilles for describing Nu0,w [58]:

Nu0,w = Biλbed

λg
(4.1)

This implies that the Biot number Bi is the actual model parameter that needs to be
determined.

4.1.1.1 Estimation of the model parameters

To estimate the model parameters, the LiveLink is used. The PDEs are solved using
COMSOL and the results are passed to Matlab where the minimization of the least
square error is conducted. The minimization is in this case more demanding, since
the problem to be solved is not linear. This is illustrated in Figure 4.3, where the
least square error for some combinations of the parameters for the first experiment
are plotted as a contour plot. The non-linearity of the problem can be observed since
different slopes are obtained depending on the position in the plot. Nevertheless, the
parameters can be estimated using optimization routines for nonlinear optimization.
The estimated parameters are illustrated in Figure 4.4.
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Figure 4.3: Contour and surface plot of the least square error for the first experiment.

A small variation of the heat conductivity of the adsorbent particle λp can be observed.
For the experiments that are conducted twice, the estimated parameter is not exactly
the same. This is also expected since the problem is highly nonlinear. Another reason
for this is that a small change in λp will not have a huge impact on the effective heat
conductivity of the bed λbed which is the actual model parameter. This can be clearly
observed in Figure 4.4 where λbed is plotted against the different experiments. The
effective heat conductivity is calculated using the ZBS-model and a heat conductivity of
the gas at the mean temperature. The discrepancy can be explained by the increase in
the heat conductivity of the gas. Since the mean temperature increases for the different
experiments the heat conductivity of the gas is also increased. This increase leads to a
slight increase of the effective heat conductivity as can be observed in Figure 4.4. Since
the values that were obtained for λp are not significantly different and small changes of
this value do not change significantly λbed, one can assume an average value is the most
adequate value for λp.

The estimated Biot number Bi also varies between the different experiments and
when λp increases, Bi decreases and when λp increases, Bi decreases. This indicates,
that both parameters are correlated, which can be expected since Bi is multiplied with
λbed in order to obtain Nu0,w in the model. Nevertheless, similar to λp the discrepancy
between the different Bi values is not significant, which permits the assumption that
the average value is the most adequate value. The obtained values from the parameter
estimation are listed in Table 4.2.

Figure 4.5 shows the obtained temperature profiles for each experiment and the measured
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Figure 4.4: Estimated values for λp, λbed and Bi for the different experiments with constant
wall temperature.

profiles of the first set of experiments. The results of the second set are comparable to
those of the first set. One can clearly see the agreement between the experiments and
simulations. Figure 4.6 shows the parity plot for the experiment of the first set with
a wall temperature of 473.15 K. The agreement between simulation and experiment

Table 4.2: Average estimated parameters for the experiments with constant wall temperature.
Parameter Estimated value

λp 0.402 W/m·K
λbed 0.12 W/m·K
Bi 1.08
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can again be observed. The parity plots for the different experiments are similar to
Figure 4.6, which again indicates the agreement between the model and the experimental
measurements.
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Figure 4.5: Measured and obtained temperature profiles for the first set of experiments of
heat transfer without convection and constant wall temperature. The letters
after the name of the thermocouple mean: m for model and exp for measured
temperature.
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Figure 4.6: Parity plot for experiment with constant wall temperature of 473.15 K. The gray
lines represent a ± 5% deviation.

4.1.2 Constant heat duty

The procedure according to section 3.2.4.1 is used for the experiments with constant
heat duty. Five different heat duties are chosen. Similar to the experiments with
constant wall temperature, the experiments are conducted twice. The different heat
duties that are used are shown in Table 4.3; the temperature profiles for the different
experiments of the first run are demonstrated in Figure 4.7.

Contrary to the experiments with constant wall temperature, the wall temperature rises
slowly and almost linearly with time. This is also expected since in this case, a boundary
condition of the second kind is used. Therefore, the temperature increase will be slower
since the wall must be heated at a constant heat duty. Since the wall temperature
increases over the entire time, it is clear that an equilibrium between the heat losses and
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the heat duty is not reached during the given time. The measured temperatures inside
of the bed will follow the wall temperature time-delayed and increase almost linearly
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Figure 4.7: Measured temperature profiles for the experiments of heat transfer without
convection and with constant heat duty.
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Table 4.3: Duties used for the experiments with constant heat duty. Each experiment is
conducted twice.

Experiment Heat duty in W
7 25
8 37.5
9 50
10 62.5
11 75

with time. The higher the distance to the wall, the longer the time-delay. This is clear
since TE7 is the thermocouple with the highest time-delay. Similar to the experiments
with constant wall temperature, no convection is present, therefore heat conduction
is the dominant heat transfer mechanism. Because of the high time-delays it is again
clear, that the bed has a low thermal conductivity.

For the parameter estimation the ZBS-model is used again. Similar to the experiments
with a constant wall temperature, the heat conductivity of the solid particle λp and the
Bi number are estimated for the experiments with constant heat duty. The obtained
results can be compared with the previous results in order to determine whether there
is a dependency of the boundary condition.

4.1.2.1 Estimation of the model parameters

The LiveLink is used in order to estimate the parameters. As in the previous case, the
problem to be solved is highly nonlinear and similar contour plots to those in Figure 4.3
are obtained. The obtained parameters are illustrated in Figure 4.8.

The results for the heat conductivity of the adsorbent particle λp show a small variation
again. As in the previous case, a deviation between the experiments that are conducted
twice can be observed. The reason for this, as mentioned before, is the non-linearity
of the optimization problem. The small influence of a change in λp on λbed, which is
also a reason for the small variation of the results, can be observed in Figure 4.8. The
effective heat conductivity is calculted using the ZBS-model and a heat conductivity of
the gas at the mean temperature between the maximal and minimal temperature. The
slight increase of the effective heat conductivity, as mentioned in the previous section,
can be explained by the increase of the heat conductivity of the gas caused by the
increase of heat duty. The average value of λp is again assumed as the most adequate one.

The correlation between the Bi number and λp can also be observed, which as mentioned
earlier is also expected. The variation between the estimated parameters is not significant
which allows to assume that the most adequate value is the average one. The obtained
average values from the parameter estimation are tabulated in Table 4.4.
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Figure 4.8: Estimated values for λp, λbed, and Bi for the different experiments with constant
heat duty.

Figure 4.9 shows the obtained temperature profiles for each experiment and the measured
profiles of the first set of experiments. The results of the second set are comparable
to those of the first set. The agreement between the experiments and simulations is

Table 4.4: Average estimated parameters for the experiments with constant heat duty.
Parameter Estimated value

λp 0.379 W/m·K
λbed 0.12 W/m·K
Bi 1.21
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clear. The parity plots in Figure 4.10 for 75 W confirm the good agreement between
simulation and experiment.
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Figure 4.9: Measured and obtained temperature profiles for the first set of experiments of
heat transfer without convection and constant heat duty. The letters after the
name of the thermocouple mean: m for model and exp for measured temperature.
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Figure 4.10: Parity plot for experiment with constant heat duty of 75 W. The gray lines
represent a ± 5% deviation.

4.1.3 Comparison of the different boundary conditions

A deviation between the average obtained parameters can be observed when comparing
Table 4.2 and Table 4.4. Nevertheless, this deviation is not significant. This indicates,
that the parameters are not boundary dependent. As mentioned earlier, the parameters
are correlated which explains why the Bi number is higher in the constant heat duty
case as for the constant wall temperature case, since λp is lower. Nevertheless, one can
see that the average value of λbed is equal in both cases. This indicates that the model
is more sensitive to a change in λbed than to a change in the Biot number. In addition,
the deviation between both values from the average value is not high. Therefore, it is
acceptable to assume that the Biot number and the heat conductivity of the particle
are boundary independent and that the most accurate value is an average between
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Table 4.5: Average estimated parameters for the non-convective heat transfer experiments
and the obtained Nu0,w value and Nu0,w values obtained using the correlations
of [58] and [77].

Parameter Estimated value
λp 0.39 W/m·K
λbed 0.12 W/m·K
Bi 1.14

Nu0,w,this work 4.33
Nu0,w,Nilles 6.25

Nu0,w,Eurokin 3.86

both cases. The average values that were used for the following investigations are
displayed in Table 4.5 and the values obtained by using the correlation of Nilles [58] and
Eurokin [77] for the non-convective Nusselt number Nu0,w. The heat conduction of the
gas is calculated using the average temperature of the highest and lowest temperature
of the experiments.

Table 4.5 shows, that the value obtained by the correlation of Nilles [58] is much
higher than the value obtained from the experiments. On the other hand, the value
obtained using the correlation of Eurokin is similar to the value obtained from the
experiments. Nevertheless, as mentioned earlier the model seems to be more sensitive
towards the effective heat conductivity of the bed, which indicates that it is difficult
to estimate the wall Nusselt number with high accuracy. This was also observed by
Nilles [58] which indicates that the obtained Nusselt number had a high uncertainty.
Nonetheless, the obtained non-convective Nusselt number in this work did not deviate
significantly, which indicates that the obtained value can be used for the following
investigations. Furthermore, the obtained value is similar to the value obtained using
the correlation of Eurokin [77], which indicates its plausibility.

4.2 Heat transfer in packed beds at low Péclet
numbers

In order to achieve different Péclet numbers, the velocity is changed as well as the
pressure because high velocities would move the homogeneous measuring range (see
Figure 3.5) in the flow direction, meaning that inlet effects would be measured. Therefore,
the pressure is used to vary the Péclet number. The idea of the indirectly heated and
cooled TSA process is to use small streams or no stream at all during the regeneration.
In addition, during the adsorption step of CO2 from a flue gas emitted from a coal fired
power plant using the proposed indirectly heated and cooled TSA process, the Péclet
number will not be high (30<Pe<50) because of the low pressure and pressure drop
limitations. The correlations for the convective contribution found in the literature
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were derived by investigating higher Péclet numbers (Pe>50). It is therefore necessary
to investigate the convective contribution to the effective radial heat conductivity and
to the wall Nusselt number for small Péclet number in order to accurately describe the
heat transfer characteristics during this process.

The parameters in the previous section showed no significant influence on the boundary
condition. Therefore, only a constant heat duty was used for the experiments with
convective heat transfer. Since the reproducibility of the experiments in the previous
section was satisfactory only one set of experiments was conducted. The conducted
experiments are listed in Table 4.6. Experiments 12 to 15 have similar conditions,
meaning they have similar Péclet numbers. The same is valid for experiments 16 to 19
and experiments 20 to 22. Therefore, the experiments can be categorized into three
different Péclet numbers.

The experimental measurements for the first Péclet number are illustrated in Figure 4.11.
Similar to the experiments with constant heat duty and no convection, the wall
temperature increases during the heating almost linearly with time and the different
thermocouples follow with a time delay. If Figure 4.11 is compared with Figure 4.7,
almost no difference is noted. This indicates that under the given conditions the influence
of convection on the heat transfer is not significant. In this case, the non-convective
heat transfer is the dominating mechanism and not the heat transfer due to a cross
mixing caused by convection. This can also be expected since the Reynolds number is
low (Re<10) and therefore no significant mixing of the fluid will occur. Therefore, the
convective contribution to the radial heat transfer is negligible.

Table 4.6: Experiments conducted for the investigation of convective heat transfer in packed
beds at low Péclet numbers.

Experiment Heat duty
in W

Pressure in
bar

Superficial
velocity in cm/s

Average particle
Reynolds
number

12 37.5 5 1 7.4
13 50 5 1 7.4
14 62.5 5 1 7.4
15 75 5 1 7.4
16 37.5 5 3 18.7
17 50 5 3 18.7
18 62.5 5 3 18.7
19 75 5 3 18.7
20 50 7.5 3 27.6
21 62.5 7.5 3 27.6
22 75 7.5 3 27.6
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Figure 4.11: Measured temperature profiles for the first Péclet number and for the different
heat duties.

Figure 4.12 illustrates the measured temperature profiles for the second Péclet number.
In this case a clear influence was observed. The wall temperature increases linearly at the
beginning, but close to the end of the heating step, a change in the slope was observed.
A similar trend is observed for the temperature inside the bed. The temperatures are
further apart than in the case of the first Péclet number and the profiles are not linear.
This can be explained by the fact that in this case, the convective contribution has an
influence on the heat transport. Since the boundaries of the system are open and since
the velocity is three times higher than in the previous case, the convective transport is
also increased significantly. This leads to a higher energy output of the system. Since
the Péclet number is still not high (Pe<20), meaning that the radial heat transfer
is still dominated by the non-convective mechanism, the radial heat transfer is still
slow compared to the convective output. Therefore, the time delay of the temperature
profiles is increased, especially in the middle of the bed. For the cooling step on the
other hand, one can clearly see that the temperature profiles get closer. This again can
be explained by the increase in energy output, since in this case the fluid can transport
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Figure 4.12: Measured temperature profiles for the second Péclet number and for the different
heat duties

more heat out of the system. Therefore, the bed is also cooled directly with the gas.

In Figure 4.13 the temperature profiles for the third Péclet number can be observed. In
this case, the pressure is increased which increases the density of the fluid and therefore
the convective transport. Similar to the previous case, the Péclet number is low (Pe≈
20) in this case and the convective transport is increased which increases the time delay
during the heating step. For the cooling step it is clear that the temperature profiles
get closer because of the increase in the convective transport.

The experiments show, especially for the heating step, that a tradeoff between radial
heat transport and convective transport exists. This is also expected since, if the axial
convective heat transport is increased and the radial heat transport is not increased
significantly, the heat will not be transported radially fast enough. For short tubes
such as the tube that is used in this work, this influence is noticeable. Nevertheless, it
is expected that for long tubes, this influence will only be noticed in a short segment
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Figure 4.13: Measured temperature profiles for the third Péclet number and for the different
heat duties

at the inlet of the tube. To reduce this influence, either the inner diameter of the
tube must be reduced in order to increase the radial transport or the residence time of
the fluid must be increased, meaning longer tubes. For the cooling step on the other
hand, an increase in tube length will reduce the positive contribution of the fluid to the
cooling process, since this contribution will again only be noticeable in a short segment
at the inlet.

4.2.1 Estimation of the model parameters

Since the model used in Comsol also considers convection a parameter estimation
can be conducted. The parameters that are estimated using the LiveLink are the
dimensionless convective contribution to the radial heat conductivity Aheat conductivity
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and the convective contribution to the Nusselt number Nuconvective. The effective radial
heat conductivity is written as;

λeff,Rad

λg
= λbed

λg
+ Aheat conductivity (4.2)

in the model and the wall Nusselt number is written as:

Nuw = Bi · λbed

λg
+ Nuconvective (4.3)

For λp and Bi the estimated values in the previous section are used (see Table 4.5).

The model optimization problem is again highly nonlinear as shown in the contour plot
in Figure 4.14. Therefore, nonlinear optimization routines are used.

The estimated parameters can be observed in Figure 4.15. It is clear that there
are three groups of values for Aheat conductivity. Each group of values represents a different
Péclet number. This is also expected since convection will cause a cross mixing of
the fluid inside the bed and therefore increase the radial heat transfer. The higher
the cross mixing, meaning the higher the Péclet number, the higher the increase of
the radial heat transfer. If each group of values is observed individually, the values
show some deviation, especially the last group. For the first and second group, the
deviation between the results is not high, but for the third group the first value is
significantly lower than the others. If the convective Nusselt contribution Nuconvective for
that experiment is observed, it is clear that this value is higher than the others. This
indicates that both parameters are correlated. Therefore, the optimization routine tried
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Figure 4.14: Contour and surface plot of the least square error for the first experiment.
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Figure 4.15: Estimated parameters for the experiments with convective heat transfer.

to compensate the lower convective contribution to the heat conductivity by increasing
Nuconvective. Since the other values do not show a very high deviation one can assume
that this value is not estimated accurately.

In order to investigate the relationship between the Péclet number and Aheat conductivity
the obtained results are plotted against the respective Péclet number as illustrated in
Figure 4.16. The three different groups of values are shown. If the value that deviates
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Figure 4.16: Estimated values of Aheat conductivity and Nuconvective plotted against the Péclet
number.
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significantly from the other values in the third group is neglected, one can assume there
is a linear relationship between Aheat conductivity and the Péclet number. As mentioned
in section 2.2.4, the radial heat conductivity in packed beds depends linearly on the
Péclet number for high Péclet numbers. From the slope of the linear regression curve,
one can calculate the value of KRad (see equation 2.39):

KRad,exp = 1
0.1047 = 9.55 (4.4)

Comparing this value with the value obtained using equation (2.40), which was derived
using higher Péclet numbers (Pe>50):

KRad,lit = 8.79 (4.5)

both values do not deviate significantly. This indicates, that for low Péclet numbers, a
linear correlation between λeff,Rad and the Péclet number can also be assumed.

The convective contribution to the Nusselt number does not show any significant
functional relationship, as shown in Figure 4.15. This can also be observed in Figure 4.16
where Nuconvective is plotted against the Péclet number. The reason for the unsatisfying
estimation can be explained by the fact, that since the model is more sensitive towards
the radial heat conductivity, it is difficult to obtain satisfactory results for Nuconvective.
This was also observed by Nilles [58] as mentioned in the previous section. If the values
for the non-convective contribution are observed in Table 4.5, this value is orders of
magnitude higher than the estimated convective contribution. This indicates that the
non-convective contribution is the dominating contribution in the model and since the
model does not seem to be sensitive towards Nuconvective it is difficult to accurately
estimate the convective contribution for the given Péclet numbers. Figure 4.17 illustrates
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the estimated values of Nuconvective and the values obtained using the correlation of
Nilles [58]:

Nuconvective,Nilles = 0.19 · Re0.75 · Pr0.33 (4.6)

and the correlation of Eurokin [77]:

Nuconvective,Eurokin = 0.0835Re0.91
(

Pr
Prair,80◦C

)1/3

(4.7)

The literature values are significantly higher than the obtained values. As mentioned
before, it is difficult to obtain accurate values for the investigated Péclet numbers.
Therefore, it is advisable to use the correlation from the literature for the coming
adsorption simulations. The model does not seem to be sensitive to this parameter;
therefore, a small impact can be deduced if the correlation from literature is used.
Moreover, the non-convective contribution will dominate over the range of investigated
Péclet numbers. The correlation of Eurokin will be used for the convective contribution
in the coming simulations since a similar value to the estimated value for the non-
convective contribution is obtained using the Eurokin correlation.

The agreement between the experiments and the simulations for the convective experi-
ments is demonstrated in Figure 4.18, where the results for the different Péclet numbers
and for 75 W are plotted. This agreement can also be observed in Figure 4.19 were the
parity plots of TE7 for the different Péclet numbers and for 75 W are illustrated. The
fact that the numerical results are in agreement with the experimental measurements
show the validity and accuracy of the developed model.

The non-convective and the convective experiments allowed the estimation of important
radial heat transfer model parameters. These model parameters are mandatory in order
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Figure 4.18: Obtained and measured temperature profiles for the convective experiments.
Only the results for 75 W and the different Péclet number are plotted
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Figure 4.19: Parity plot of TE7 for the different Péclet numbers and 75 W. The gray lines
represent a ± 5% deviation.

to investigate the adsorption characteristics of the indirect heated TSA process. There-
fore, the gained knowledge regarding radial heat transfer was used for the investigation
of the adsorption characteristics that is described in the following sections.

4.3 Adsorption isotherm

The adsorption isotherm is required in order to determine the loading of CO2 on 13X
and therefore to simulate the adsorption process. Since the adsorbent bed had to be
activated in situ, a breakthrough curve for an experiment of 15% CO2 in N2 is measured
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in order to determine the experimental loading and compare it to the theoretical
loading given by the adsorption isotherm, which is supplied by Linde Engineering. The
experimental loading is estimated using the following correlation [57,104]:

qeq
CO2,exp =

yCO2,in

(1− ε)ρp

(
ṅinτexp

Vadsorbent
− ε · p
R · T

)
(4.8)

τexp =
∫ tfinal

0

(
1−

yCO2,out(1− yCO2,in)
yCO2,in(1− yCO2,out)

)
dt (4.9)

The comparison between the loading obtained by the isotherm and the measured loading
shows a deviation of approximately 9%.

qeq
CO2,exp

qeq
CO2,Linde

≈ 0.91± 0.03 (4.10)

The reason for the deviation is the different procedures for activating the adsorbent,
since the temperature that is used for the in situ activation is lower than the temperature
that is used for measuring the adsorption isotherm. Higher temperatures than the
temperature used for the in situ activation could not be used since 230°C is the maximal
allowable temperature in the experimental setup. Therefore, the adsorption isotherm is
scaled by the factor in equation 4.10. The scaled isotherm at different temperatures is
shown in Figure 4.20. The temperature influence is clear; the higher the temperature,
the lower the loading. The scaled isotherm will be used for the numerical simulations
in the next section. The scale factor is determined by measuring one point at one
temperature, which can be a source of uncertainty when comparing the numerical
results with the experimental measurements.
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4.4 Adsorption characteristics

As mentioned in the previous section the adsorption isotherm is scaled in order to
better reproduce the adsorption capacity of the adsorbent in the experimental setup.
Therefore, a deviation between the scaled adsorption isotherm and the actual capacity
in the experimental setup cannot be excluded. In order to minimize the influence of
external factors (e.g. time-delay of TCD) on the comparison between the numerical
simulations and the experimental measurements, the time parameter will be normalized.
In addition, the first of the multiple cycles was used since the regeneration of the bed
before the first cycle starts is equal for all experiments. This allows a comparison
between the profiles at the same time scale and under equal conditions, which leads to
a better comparison of the adsorption kinetics and the numerical model. The average
purity of the recovered CO2 and the CO2 recovery will be calculated using the last
cycle. As mentioned in section 4.2 the results obtained during the investigation of the
heat transfer characteristics were used for the simulation of the adsorption process that
is described in the following sections.

4.4.1 Flue gas 1

The Bosanquet equation (see equation 2.8) is used for describing the adsorption
kinetics for the first simulated dry flue gas (15.2% CO2). The following discussion only
considers the results obtained from the experiment with a regeneration temperature of
180 °C. The results obtained for the remaining temperatures show a similar agreement
with the experimental measurements (see appendix A). Figure 4.21 illustrates the
results for the regeneration temperature of 180 °C. During adsorption the simulated
concentration profile is slightly flatter at the beginning than the measurement. This
small deviation could be explained by the adsorption kinetics, meaning the calculated
kinetics in the numerical model is slower than the actual kinetics. The temperature
peaks calculated by the numerical model are in agreement with the experimental
measurements. Nevertheless, the temperature peaks of TE6 and TE5 are slightly shifted
in the simulation. This small shift could be explained by flow disturbances, which
can cause thermal effects, since low pressures and low velocities are used during the
experiments, indicating low Péclet numbers (Pe<5). Therefore, a maldistribution of the
flow could be expected. Since the homogeneous model is used for the numerical model,
a plug flow is assumed across the bed and therefore radial flow disturbances cannot
be accounted for explicitly. Nevertheless, in an industrial plant the superficial velocity
would be higher, which would minimize these effects since the Péclet number would be
higher (Pe>30). If the error of the thermocouples is taken into account (± 2.5 K), the
deviation between the model and the experiments is small. Therefore, the agreement
between the model and the experiments is strong. Figure 4.21 also shows that the shape
of the partial breakthrough curve is not symmetrical. This may indicate that during
the adsorption step, a significant thermal influence exists. This can also be deduced
by the temperature profiles, since they show a long tailing after the temperature peak.
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Figure 4.21: Concentration and temperature profiles for the first simulated dry flue gas
using a regeneration temperature of 180 °C. The adsorption time is normalized
by the time in which 50% of the inlet concentration is measured at the outlet.
For the desorption and cooling, the time is normalized by the time in which
the concentration at the outlet is equal to 50%.
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(a) CO2 relative loading (b) Temperature

Figure 4.22: CO2 loading and temperature during the adsorption step after 1000 s.

This indicates, that the heat is not being removed effectively. In order to prove the
thermal influence, the 2D CO2 loading profile is calculated using the numerical model.
The thermal influence can be clearly observed in Figure 4.22, since the loadings of
CO2 are higher in the vicinity of the wall than at the center of the tube. If the 2D
temperature profile is observed, the heat is not being removed effectively. This indicates,
that because of the low Péclet number in the experimental setup the radial effective
thermal conductivity is not high enough to remove the heat caused by adsorption fast
enough, which leads to reduction of the CO2 loading capacity. Nevertheless, for higher
Péclet numbers, which will be the case on an industrial or pilot scale, an increase in
the radial effective heat conductivity can be expected and therefore, the radial energy
output will be more effective and the thermal influence will be reduced significantly.
The fact that the numerical model is capable of predicting this phenomenon shows the
validity of the model.

During desorption, there is a steep increase in the CO2 concentration, which the
numerical model can also predict as observed in Figure 4.21. The reason for the steep
increase can be explained because of the absence of a purge gas. The fact that the
numerical model predicts the steep increase indicates that in this case the desorption
kinetics is predicted accurately in the numerical model. One can therefore assume,
that the temperature dependency of the kinetic parameter is being calculated correctly.
The desorption temperature profiles show a strong agreement at the beginning of
the desorption step. Afterwards, the numerical model shows a slower increase in
temperature, especially TE7. This slower increase could be explained by the desorption
energy or the amount of CO2 that desorbs. As mentioned earlier, the fact that the
adsorption isotherm is scaled leads to uncertainties, especially at high temperatures
because of extrapolation between the actual loading of CO2 and the calculated one.
Therefore, a discrepancy is expected which will lead to a deviation in the amount
recovered during the desorption step, and therefore influence the temperature profiles
during the desorption step. Nevertheless, the agreement between the model and the
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measurements is strong considering the uncertainty caused by the isotherm.

The agreement of the CO2 concentration during the cooling step between the model
and the measurement is illustrated in Figure 4.21. The numerical model shows a
good agreement. The temperature during the cooling step on the other hand shows
a small discrepancy at the beginning of the cooling step. This small discrepancy can
be explained by the inlet boundary condition in the model since it is assumed that
the gas enters the bed with a homogeneous temperature, which is not the case in
the experimental setup. The actual temperature profile will show a radial profile in
which the temperature at the center will be colder than in the vicinity of the wall.
Nevertheless, this influence is small as illustrated in Figure 4.21.

In general, the numerical model shows good results regarding its agreement with
the experimental measurements, since it is capable of predicting the shape of the
concentration and the temperature profiles with a high degree of accuracy.

In order to increase the agreement of the numerical model and the experimental mea-
surements regarding the CO2 concentration during the adsorption step, the Bosanquet
equation is scaled:

Dmodel = mscale ·Doverall,1 (4.11)

The obtained results if for the scaling parameter mscale=1.5 is used can be observed
in Figure 4.23. The improvement of the agreement between the CO2 concentration
of the model and the measurements at the beginning of the breakthrough during the
adsorption step is illustrated in Figure 4.23. The increase in kinetic causes a slight
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Figure 4.23: Concentration and temperature profiles for the adsorption step of the first
simulated dry flue gas using a regeneration temperature of 180 °C and scaling
the adsorption kinetic parameter by 1.5. The adsorption time is normalized by
the time in which 50% of the inlet concentration is measured at the outlet.
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increase in the temperature peaks. Nevertheless, the agreement is still strong and
did not change significantly from the previous case (see Figure 4.21). Since only the
adsorption kinetics are changed, no significant change is observed during desorption
and cooling.

The CO2 recoveries during the desorption step and the average purities of the recovered
CO2 can be observed in Figure 4.24. The recovery increases as the regeneration
temperature increases. This is also expected since high regeneration temperatures lead
to low CO2 loadings, meaning more CO2 can be desorbed and recovered. On the other
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Figure 4.24: Recovery and average purity of the recovered purity for the different regeneration
temperatures of the first simulated dry flue gas.
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hand, no significant increase in the average purity of the recovered CO2 can be observed
with increasing regeneration temperature. The reason for this is that compared to the
amount of N2 that is in the voids of the bed, the adsorbed amount of CO2 is orders of
magnitude higher. Therefore, since no purge gas is used, the amount that is released
even for the lowest temperature is significantly higher than the amount of N2 in the
voids of the bed.

The model predictions deviate from the experimental measurements. As mentioned
earlier, the fact that no high pressure is available during the measurements and that no
purge flow is used during the desorption leads to a higher uncertainty, which must be
taken into account. As mentioned in section 3.2.8, although it is difficult to measure
with a high degree of certainty, the errors are below 30% and can be considered tolerable.
On the other hand, the uncertainties reflect a statistical error. The calculated recovery
is within the range of the experimental error and shows the increasing tendency with
increasing regeneration temperature. Since only a fraction (12 cm) of the adsorber tube
is filled with adsorbent, a large dead volume must be considered, which is mainly filled
with N2. Therefore, the ratio of adsorbent mass to dead volume is high. In order to
keep the numerical effort tolerable, the dead volume is not explicitly considered in the
model. Instead, the amount of N2 that is filled in the dead volume is added to the
amount of gas that exits the adsorber tube during the regeneration step. The calculated
average CO2 purities show a small discrepancy to the measured values, but lie within
the experimental error as illustrated in Figure 4.24. On an industrial or pilot scale, the
influence of dead volume will be significantly lower since the ratio of adsorbent mass to
dead volume will decrease considerably. If the amount of N2 that is filled in the dead
volume is not added to the gas that exits the adsorber tube during the regeneration
step, meaning if the dead volume is not considered, higher purities than those measured
can be achieved, as illustrated in Figure 4.24. This indicates that on an industrial or
pilot scale significantly higher purities can be expected than those measured in this
work.

4.4.2 Flue gas 2

The scaled Bosanquet equation (mscale= 1.5) is used to describe the adsorption kinetics
for the second flue gas (5% CO2).The following discussion is conducted using only the
results obtained from the experiment with a regeneration temperature of 180 °C since
the results for the remaining experiments show similar agreements (see appendix B).
Figure 4.25 illustrates the agreement between the simulation and the experiments;
the agreement between the model and the measurements is accurate for the CO2
concentration at the outlet during the adsorption step. This good agreement shows that
the model is able to predict the kinetics over a wide range of CO2 concentrations. The
temperature profiles during adsorption on the other hand show a deviation between the
model and the measurements. The model predicts lower temperature peaks than the
measured ones.
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Figure 4.25: Concentration and temperature profiles for the second simulated dry flue gas
using a regeneration temperature of 180 °C. The adsorption time is normalized
by the time in which 50% of the inlet concentration is measured at the outlet.
For the desorption and cooling, the time is normalized by the time in which
the concentration at the outlet is equal to 50%.
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This deviation can be explained by the uncertainty of the isotherm, which will also
influence the adsorption enthalpy. Therefore, it is likely that the model under predicts
the temperature peaks. Nevertheless, the discrepancy is maximal 5 K and can be
considered as minimal if the error of the thermocouples is considered. The temperature
profiles during adsorption also show that the peaks are slightly shifted. This shift can
again be explained by possible flow disturbances because of the low Péclet number
(Pe<5). Nevertheless as mentioned earlier, on an industrial or pilot scale, higher Péclet
numbers (Pe>30) are envisioned which would minimize these effects. Another reason
for the shift of the temperature peaks may be the scale factor of the isotherm. The
scaling of the isotherm though necessary, is a source of uncertainty which has to be kept
in mind. Therefore, a combination of the low Péclet number and the uncertainty of the
isotherm can explain the small shift of the temperature peaks. Nonetheless, despite the
existing uncertainties, the agreement between the model and the measurement can be
considered strong since the deviation can be considered tolerable. The model and the
measurement show a smaller tailing of the temperature after the peak is reached during
adsorption. This would indicate, that the thermal effects, because of adsorption, are
lower than in the previous case. The fact that the amount to be separated in this case
is three times lower than in the previous case explains the lower thermal effects. To
validate this, the 2D loading and temperature profiles are calculated in the numerical
model, as is illustrated in Figure 4.26. It is clear that there are still thermal effects
since the loadings show lower capacities at the center than at the vicinity of the wall.
Nevertheless, compared to the previous case, one can clearly observe that these effects
are reduced. This can also be seen by the experimental partial breakthrough curves as
illustrated in Figure 4.27. If the thermal effects are similar, the shape of the normalized
concentration profiles would have to be similar. Nevertheless, Figure 4.27 shows that
the profile of the first flue gas shows a longer tailing at the end. This clearly indicates
that the thermal effects are lower for the second flue gas than for the first flue gas.

(a) CO2 relative loading (b) Temperature

Figure 4.26: CO2 loading and temperature during the adsorption step after 1000 s for the
second simulated dry flue gas.
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Figure 4.27: Normalized experimental partial breakthrough curves for both flue gases.

During the desorption step, a steep increase in the concentration can again be observed,
which is predicted accurately by the model. As mentioned earlier, this steep increase can
be explained by the absence of a purge gas. Similar to the previous case, the temperature
profile during the desorption step shows a strong agreement at the beginning, and
afterwards it shows a higher discrepancy. As mentioned previously, the uncertainty
caused by scaling the isotherm can explain this discrepancy. Nevertheless, the agreement
between the model and the measurements is satisfactory considering the uncertainties
caused by the isotherm.

The model predicts the concentration profiles during the cooling step accurately as
illustrated in Figure 4.25. The temperature profiles on the other hand show a small
deviation at the beginning of the cooling step. As mentioned earlier, this deviation can
be explained by the boundary condition, since it is assumed, that the gas enters the
bed with a homogeneous temperature which is not the case during the measurement.
Nevertheless, as in the previous case, the influence is small and the agreement between
the model and the measurements can be considered good.

The CO2 recoveries and the average purity of the recovered CO2 can be observed
in Figure 4.28. Similar to the previous case, the recovery increases as the regeneration
temperature increases, since high regeneration temperatures lead to low CO2 loadings,
indicating that more CO2 can be desorbed and recovered. If the recoveries are compared
to the previous case, one can see that similar results are obtained. This is due to the
experimental procedure since in both cases the adsorption step is finished as soon as
75% of the inlet concentration is measured at the outlet. Therefore, the recoveries
have to be similar in both cases. On the other hand, a small increase in the average



102 4 Experimental results and simulations

380 400 420 440 460 480
0

0.2

0.4

0.6

0.8

1

T
Hot

 / K

R
ec

ov
er

y

 

 

experimental
model

(a) Recovery

380 400 420 440 460 480
0

0.2

0.4

0.6

0.8

1

T
Hot

 / K

y C
O

2, a
vg

 

 

experimental
model
model without dead volume

(b) Average recovered CO2 purity

Figure 4.28: Recovery and average purity of the recovered purity for the different regeneration
temperatures of the second simulated dry flue gas.

purity of the recovered CO2 can be observed with increasing regeneration temperature.
If these results are compared with the previous case, one can see that this increase
in purity is more evident in this case than in the previous case. The reason is that
less CO2 is adsorbed on the adsorbent and the amount of N2 in the voids is increased
slightly. Therefore, the amount of N2 will have a higher impact on the purity than in
the previous case. Nevertheless, the amount of CO2 that desorbs is still higher than the
amount of N2 in the voids and therefore, high purities are still achievable, especially
at higher regeneration temperatures. Nonetheless, it is clear that the lower the inlet
concentration, the higher the impact of the N2 in the voids. Therefore, higher average
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purities of the recovered CO2 during the desorption step will be achieved if the inlet
concentration is high and the same process scheme is used: adsorption, desorption with
no purge gas, and cooling.

Similar to the previous case, the recoveries deviate from the calculated values from the
experiments because of the uncertainty that is caused by the absence of purge gas and
the measuring instruments. In this case the calculated recovery lies within the range of
the experimental error and shows the increasing tendency with increasing regeneration
temperature. A discrepancy between the measured average purity of the recovered CO2
and the calculated average purity by the model with dead volume can be observed as
in the previous case. Nevertheless, the calculated values lie within the experimental
error. If the dead volume is not considered, meaning the conditions on an industrial or
pilot scale are simulated, higher purities than the measured purities can be achieved, as
can be observed in Figure 4.28.





5 Simulation of the indirectly heated
adsorption process for capturing
CO2 from a coal fired power plant

In the previous section, the applicability of the derived model with the estimated
parameters was confirmed. Therefore, the industrial process can be simulated with a
high degree of accuracy using the derived model since the diameter of the tube used
during the experimental measurements is the same as the proposed diameter for the
tubes in the industrial process. The influence of dead volume is significantly lower on an
industrial scale and will therefore be neglected in the coming numerical study. As shown
in the previous section where the influence of the dead volume was illustrated, high
purities of the recovered CO2 can be expected. On an industrial or pilot scale a thermal
fluid will be flowing through the shell of the tube bundle. Therefore, the boundary
condition used during the experimental measurements, constant wall temperature, will
not be equivalent. During the investigation of the heat transfer characteristics of the
adsorbent bed without convection it was observed that the estimated parameters do
not significantly depend on the boundary condition. Therefore, one can assume that
the obtained results from the simulations will be predicted accurately. The boundary
condition used for the coming simulation is the condition described in section 2.3: heat
transfer from a heat transfer fluid.

A flue gas emitted from a coal fired power plant was considered in the numerical
study.

In order to characterize the quality or performance of the CO2 capture process using
the indirect heated and cooled adsorption process, three different key performance
indicators are used. The first indicator is the purity of the recovered CO2 during the
heating step since high purities (>95%) reduce the sequestration costs [9].

Purity =
∫ tdes

0

(∫
A(uzcCO2

)|z=0dA
)

dt∫ tdes
0 (

∫
A(uzc)|z=0dA) dt

(5.1)

The second indicator is the CO2 recovery during the heating step since it delivers
information about the quality of the capturing process,

Recovery =
∫ tdes

0

(∫
A(uzcCO2

)|z=0dA
)

dt∫ tads
0

(∫
A(uzcCO2

)|z=0dA
)

dt+
∫ tcool+press

0

(∫
A(uzcCO2

)|z=HdA
)

dt
(5.2)
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and the last indicator is the required specific energy since this gives information about
the energetic efficiency of the capturing process. The specific energy is determined from
the heat exchanger between the "hot" and "cold" tube bundle vessel as illustrated in
Figure 5.1.

Qspecific =
∫ tcool+press

0

(
ṀHEX · cp,HEX

)
|z=0 (THot − THEX(z = 0)) dt

CO2 recovered

∣∣∣∣∣∣ MJ
kgCO2,rec

∣∣∣∣∣∣
(5.3)

For the numerical study, the co-adsorption of N2 is neglected since under adsorption

Figure 5.1: Estimation of the specific energy.
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and desorption conditions, 99% of the total adsorbed amount would be CO2 according
to the Ideal Adsorption Solution Theory (IAST) [44]. This study was conducted using
Comsol and the LiveLink. A triangular mesh with 60048 volume elements and 7526
surface elements was used for the 2D geometry (adsorbent bed and interstitial gas phase,
tube wall). For the 1D geometry 5000 volume elements were used. Only one tube from
the tube bundle is modeled under the assumption that all tubes behave equally in the
tube bundle [105]. This simplifies the simulation as it reduces the computational time
significantly. Table 5.1 illustrates the values used for the tube geometry and for the
separation process.

The performance of the process measured by the three key performance indicators
using the estimated parameters (e.g. λp) and assuming a fixed value for the outer heat
transfer coefficient (see Table 5.1) can be taken from Table 5.2. It can be observed,
that a high purity (>98%) and a satisfactory recovery can be achieved. Nevertheless,
the recovery is below the target value for CCS (90% [8]). The specific energy demand
is similar to that obtained by Clausse et al. [40] during their numerical investigation of

Table 5.1: Geometry values and process values used in this study and parametrical field.
Parameter Value Variation field

Geometry
H in m 5
do in cm di+0.5
di in cm 3.2 2 / 3.2/ 4.4

Process
T0 in °C 30
THot in °C 180 120/140/160/180/200
p∞ in bar 1.013

V̇n in Nm3/h·tube 0.95
yCO2,in in % 15
yN2,in in % 85
Adsorbent 13X
λp in W/m·K 0.39 0.2/0.4/0.6/0.8/1

Bi 1.14
KRad 9.55

Doverall in m2/s equation 2.8
Adsoprtion isotherm see section 4.3

ṀHEX,z (adsorption) in g/s·tube 5.1
ṀHEX,z (heating) in g/s·tube 1.7

ṀHEX,z (cooling+pressurization) in g/s·tube 1.7
αHEX in W/m2·K 500 150/250/350/450/550
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Table 5.2: Process performance.
Key perfromance indicator Value

Purity in % 98.6
Recovery in % 82.5

Qspecific in MJ/kgCO2,rec 3.25

a coaxial heat exchanger with fins for carbon capture. Comparing the obtained value
with the benchmark process, the amine wash (≈ 2.7 W/m2· K [17]), it is clear that the
specific energy demand is still higher.

Since neither the recovery nor the specific energy demand satisfy the process require-
ments, a parametrical sweep is conducted in order to investigate the influence of several
parameters on the process performance, measured by the key performance indicators.
Geometrical, process, and physical properties are chosen for the parametrical study.
The different parameters and the variation field are shown in Table 5.1.

5.1 Variation of the outer heat transfer coefficient

The influence on the key performance indicators by varying αHEX are illustrated in
Figure 5.2. The CO2 purity is not influenced strongly due to the absence of a purge
gas. Since no purge gas is used, the desorbed CO2 will not be diluted. Furthermore,
since the highest expected thermal resistance is inside the bed, a relatively good heat
transfer to the wall during the heating step can be achieved even for the lowest outer
heat transfer coefficient. Therefore, one can assume, that the regeneration is acceptable
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Figure 5.2: Influence on the key performance indicators by varying αHEX.
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in all cases, which implies that the amount of desorbed CO2 is high. Since the amount
of N2 in the voids of the bed is small compared to the amount of CO2 adsorbed one
can assume that no significant dilution of the desorbed CO2 occurs.

It can be observed from Figure 5.2 that the influence of the outer heat transfer coefficient
on the recovery is small. This can be explained by the fact that since the packed bed is
the main thermal resistance an increase in the outer heat transfer coefficient will not
lead to a noticeable improvement. In order to increase the recovery, meaning reduce
the thermal resistance, an improved heat transfer inside the packed bed would have to
be achieved. Therefore, no significant influence on the purity or recovery is observed by
varying the outer heat transfer coefficient.

On the other hand, the specific energy requirement decreases by increasing the outer
heat transfer coefficient. This influence can be explained by the fact that the higher
the outer heat transfer coefficient is, the sharper the outlet temperature is during
the cooling+pressurization step. This phenomenon is illustrated in Figure 5.3. This
sharpening of the temperature front can also be expected since the convective heat
transfer is kept constant and the heat transfer from the wall is increased. Therefore, if
for a given time a control volume is observed the heat transferred to the fluid can heat
the fluid more before it exits that control volume. To further illustrate this phenomenon
a simulation is made in which the packed bed is at a high temperature and a fluid is
flowing through the shell of the tube bundle to cool the bed inside the tubes. Inside
the tubes adsorption is neglected and it is assumed that N2 is the interstitial gas. Also,
no flow inside or outside the tubes is assumed. The obtained profiles can be seen in
Figure 5.4 where the described phenomena can be seen more markedly. Rezaei et al. [33]
made similar observations for their hollow fiber system, which can be compared to a
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Figure 5.4: Sharpening effect of the temperature profile of the heat exchanging fluid at the
outlet during a cooling step by increasing the outer heat transfer coefficient
αHEX.

heat exchanger, regarding the interaction between convective heat transfer and heat
transfer from a body.

5.2 Variation of the heat conductivity of the solid
particle

An increase or decrease in the heat conductivity of the solid particle λp would influence
the effective heat conductivity of the bed λbed directly. An increase in λp would lead to
an increase in λbed, which means that the radial thermal resistance will be decreased.
On the other hand, if λp is decreased the thermal resistance of the bed is increased
since λbed is decreased. Figure 5.5 illustrates the influence of the heat conductivity of
the solid particle λp on the key performance indicators. The purity is not influenced
significantly. As mentioned in the last section, this result can be explained by the
absence of a purge gas. Moreover, since an increase in λp will lead to a reduction in the
radial thermal resistance, an equal or better regeneration can be expected. Therefore,
either more or equal amounts of CO2 can be desorbed during the heating step, keeping
the high average purity of the recovered CO2.

It can be expected, that the amount of CO2 that can be recovered increases by
increasing λp, since the radial thermal resistance would be reduced. This is demonstrated
in Figure 5.5. The fact that the increase in CO2 recovery by increasing λp is not
considerably high indicates that either the increase in λp has a small influence on the
thermal resistance or that the regeneration temperature is more dominating. If the
values for λp are inserted in equation (2.31) using a mean temperature of 105 °C and it
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Figure 5.5: Influence on the key performance indicators by varying λp.

is assumed that the gas phase consists only of CO2, one will observe that an increase
in a factor of five in λp will cause an increase of around two in λbed. It is therefore
clear that an increase in λp will have a significant influence on λbed. Nevertheless, a
marked improvement in the recovery is not observed, which indicates that the bed
is being regenerated satisfactorily even with the lowest value for λp. Therefore, an
increase in λp will have a small influence on the recovery under the given process
and boundary conditions. In order to confirm this, the average temperature of the
adsorbent bed is tabulated for the different values of λp in Table 5.3. It is clear that the
temperature change is not substantial, which confirms that even for the lowest value a
good regeneration is achieved. On the other hand, if the regeneration temperature is
changed, a significant influence would have to be observed.

Because of the reduction in the radial thermal resistance by increasing the heat
conductivity of the solid particle, the specific energy requirement during the cooling +
pressurization step is reduced as can be observed in Figure 5.5. The decrease in energy

Table 5.3: Average temperature of the adsorbent bed after the cooling step for the different
values of λp.

Parameter value for λp Adsorbent bed average temperature after cooling
0.2 W/m · K 160 °C
0.4 W/m · K 162 °C
0.6 W/m · K 163 °C
0.8 W/m · K 164 °C
1 W/m · K 164 °C
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Figure 5.6: Heat exchanging fluid temperature profile at the outlet of the adsorber for
different solid heat conductivities λp.

requirement by increasing λp can be explained by the sharpening of the temperature
profile of the heat exchanging fluid at the outlet, as is illustrated in Figure 5.6. Since
the heat transfer to the fluid is faster than the convective heat transfer and the heat
conduction from the bed to the wall is also increased, the heat transfer fluid temperature
profile at the outlet of the adsorber during the cooling + pressurization step is sharpened,
which leads to a reduction of the energetic demand.

5.3 Variation of the heating temperature

The influence of THot on the average recovered CO2 purity can be observed in Figure 5.7.
The average purity is reduced as the regeneration temperature is decreased. Low
regeneration temperatures will lead to high CO2 residual loadings as illustrated in
Figure 5.8, meaning that less CO2 can be recovered. Therefore, the influence of the
interstitial N2 on the average purity will increase since less CO2 can be desorbed, but the
amount of interstitial N2 remains almost the same. Nevertheless, it can also be observed
that even for the lowest regeneration temperature, high CO2 average purities can be
achieved. This can also be explained by the fact, that the amount of CO2 adsorbed
by the adsorbent is much higher than the amount of the interstitial gas and since no
purge gas is used during the heating step. Therefore, even for the lowest regeneration
temperature large amounts, compared to the interstitial gas, can be recovered.

Because of the increase of the residual loading after the heating step by decreasing
the regeneration temperature lower recoveries are expected. This can also be seen
in Figure 5.7. Even though high purities are achieved, the amount of CO2 that
can be recovered is not high at lower temperatures. It is therefore clear that high
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Figure 5.7: Influence on the key performance indicators by varying the regeneration temper-
ature THot.

temperatures (THot>150°C) have to be chosen in order to obtain acceptable CO2
recoveries during the heating step. The reason for the high temperatures is the high
adsorption enthalpy of CO2 on 13 X.

Figure 5.7 illustrates, that the specific energy requirement decreases to a minimum as
the temperature increases. The existence of this minimum can be explained by the
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shape of the recovery curve since this curve does not increase linearly, meaning that the
amount of CO2 that can be recovered does not increase linearly with temperature. This
can also be observed in Figure 5.8 since the CO2 loading does not decrease linearly as
the temperature is increased. Therefore, an increase in temperature above the optimal
temperature will not lead to a significant improvement on the amount of CO2 that can
be recovered to compensate for the increase in energy input. This indicates that high
temperatures will not lead to an improvement of the process since the specific energy
requirement would increase.

5.4 Variation of the inner diameter

If the inner diameter is changed, then the ratio of incoming CO2 to adsorbent mass
will be changed. By changing the inner diameter, the outer diameter is changed, which
will have a direct influence on AHEX,tube. An increase of the inner diameter will lead
to a decrease in AHEX,tube and hence reduce the axial velocity if the mass flow is kept
constant. On the other hand, a reduction of the inner diameter would increase the axial
velocity if the mass flow is kept constant. In order to keep the ratio of incoming CO2
to adsorbent mass, which is important in order to compare the results and in order to
have the same velocity for all cases, the following relations are used:

Incoming CO2
Adsorbent mass =

(
d2
i

(3.2 cm)2

)
·

V̇n · yCO2,in

(1− ε)ρp · Atube ·H
(5.4)

uHEX,z =
(

d2
o

(3.7 cm)2

)
· ṀHEX,z

ρHEX · AHEX,tube
(5.5)

An increase in the inner diameter will also increase the void volume of the packed
bed. This means more interstitial N2 after the adsorption step which can dilute the
desorbing CO2 during the heating step. Moreover, since the radial length would be
increased, a higher thermal resistance would exist, which leads to a lower regeneration
during the heating step. This would also affect the average purity of the desorbed CO2.
Nevertheless, as can be observed in Figure 5.9, the influence on the average purity
is not extensive due to the high amount of CO2 that can be adsorbed compared to
the amount of interstitial gas. Therefore, even if the thermal resistance is increased,
the amount of CO2 that is desorbed during the heating step is much higher than the
interstitial N2 and therefore the influence on the purity is not extensive.

As illustrated in Figure 5.9, the recovery is decreased by increasing the inner diameter
due to the increase in the thermal resistance, which leads to a lower regeneration quality.
This is reflected in the recovery since lower amounts of CO2 can be desorbed during
the heating step. On the other hand, reducing the inner diameter would reduce the
radial thermal resistance which implies a better regeneration and therefore a higher
CO2 recovery. Nevertheless, it is important to keep in mind that decreasing the inner
diameter can also lead to a significant influence of the bypass flow in the vicinity of
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Figure 5.9: Influence on the key performance indicators by varying the inner diameter di.

the tube wall. This can lead to a negative influence on the process since more CO2
can breakthrough during the adsorption step which reduces the CO2 recovery. For the
lowest value of the inner diameter, the d-to-dp is slightly lower than the critical one
(>10 [75]). Therefore, the question arises as to whether the αw-model is still adequate.
Nevertheless, the discrepancy between the d-to-dp for the lowest investigated inner
diameter and the critical one is not extensive which allows for the assumption that the
αw-model is still adequate. Nonetheless, the influence of a bypass flow in the vicinity
of the wall for low d-to-dp must be kept in mind when designing or investigating the
indirect heated TSA process.

The specific energy requirement increases by increasing the inner diameter as can
be observed in Figure 5.9. This can be explained by the increase in the thermal
resistance, which leads to a slower heat transport from the center of the tube to
the wall. This slower heat transport will spread the temperature front of the heat
exchanging fluid and hence reduce the specific energy requirement. Moreover, the
surface to volume ratio φ is decreased by increasing the inner diameter, which has
an impact on the heat transfer to the heat exchanging fluid. This also spreads the
temperature front of the heat transfer fluid and increases the specific energy requirement.

Changing the inner diameter will not only have an impact on the key performance
parameters but it will also have an impact on the investment costs, since smaller tube
diameters will lead to more tubes and bigger tube diameters to less tubes. This has to
be kept in mind when designing the indirect heated TSA process.
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5.5 Optimized parameters

The parametrical study showed that if the radial thermal resistance is reduced recoveries
above the target value can be achieved. In addition, comparable specific energy
requirements to the benchmark process can be envisioned. In order to determine how
efficient this process can be a simulation is conducted using optimal parameters. The
optimal parameter values used for this simulation and the obtained results for the key
performance indicators are given in Table 5.4. As mentioned before it must be kept
in mind that by using low d-to-dp ratios, the influence of a bypass flow can have an
influence on the results. Assuming that this influence is not significant since the d-to-dp
is not extensively lower than the critical one, it can be seen that high average purities
and recoveries above the target value can be achieved. This can be explained by the
significant reduction in the radial thermal resistance since the inner diameter is reduced
and the heat conductivity of the solid particle is increased. Furthermore, a specific
energy requirement lower than the reference value, which is around 2.7 MJ/kgCO2

[17],
can be achieved. This reduction in the specific energy requirement can be explained
by the fact that the reduction in the radial thermal resistance will lead to a better
heating and cooling of the bed and a sharpening of the temperature front of the heat
exchanging fluid at the outlet. Therefore, lower energy requirements can be achieved
while keeping a high average purity and recovery of the CO2 during the heating step.

Nevertheless, values as high as 1 W/m K for the heat conductivity of standard 13 X
particles are not realistic as can be deduced from section 4.1. In order to obtain such
high heat conductivity enhanced materials such as structured adsorbents would have to
be designed with high heat conductivity and high CO2 capacity. Another possibility to
reduce the radial thermal resistance is to use internal fins.

This numerical study shows that the indirect heated and cooled TSA process can

Table 5.4: Parameter values used for the optimized simulation and obtained results for the
key performance indicators.

Parameter Value
Parameter for simulation

THot in °C 180
di in cm 2

λp in W/m K 1
αHEX in W/m2 K 550

Results
Average purity in % 98.8

Recovery in % 91.3
Qspecific in MJ/kgCO2,rec 2.2
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be an alternative for CCS if the adequate parameters are chosen. This would imply the
development of new advanced material or advanced tube geometries (e.g. internal fins).
The indirect heated and cooled TSA process opens the possibility of a new technology
for CCS and for further material developments.





6 Conclusions and outlook

6.1 Summary

Indirect heated and cooled temperature swing adsorption processes offer the advantage
of faster cycling and therefore a higher throughput. In addition, a bulk separation can
be envisioned since the adsorbent bed is cooled indirectly during the adsorption step.
Therefore, the indirect heated and cooled TSA process using a tube bundle adsorber
could be applied to capture CO2 from fossil fueled power plants. In this work, the
heat transfer characteristics and the adsorption characteristics were investigated. A
multidimensional mathematical model was derived to simulate the indirect heated and
cooled TSA process.

In order to investigate the heat transfer and the adsorption characteristics, an existing
experimental setup was modified. A new adsorber tube with an electrical heating
and a cooling coil at the wall was designed. For the investigation of the heat transfer
characteristics two different experimental procedures were chosen. The first one consisted
of investigating the heat transfer without convection and the second one consisted of
investigating the influence of convection at low Péclet numbers on the heat transfer.

To describe the heat transfer in a packed bed the homogeneous αw-model was used.
The effective heat conductivity of the bed without convection was modeled using the
Zehner/Bauer/Schlünder-model. Two parameters were chosen to fit the model to the
experimental measurements: The Biot number Bi and the heat conductivity of the solid
particle λp. In order to investigate whether these parameters depend on the boundary
condition, two different boundary conditions were chosen: constant wall temperature
and constant heat duty. It was observed that both parameters are correlated. Moreover,
small changes in λp lead to almost no change in the effective heat conductivity of the
bed λbed, which is the actual model parameter. These observations were made for both
boundary conditions. Even though the Biot number showed higher deviations than
λp the model is more sensitive to a change in λp. Therefore, and since the values of
λp and Bi did not change significantly between both boundary conditions, it can be
assumed that these values are boundary independent. The most adequate values for
the investigation of convection on the heat transfer and for the coming simulations were
the mean values: λp=0.39W/m K and for Bi=1.14. Both values differ from the values in
the literature. Using the correlation of Nilles, a value for the Bi number of 1.64 was
obtained, which is higher than the estimated value. The correlation of Eurokin on the
other hand gives a value closer to the measured one (≈1). In the literature, no consistent
value for the heat conductivity of the solid particle (molecular sieve 13 X) was found
but the estimated value is between the range given in the literature (0.13-0.58 W/m K) [43].
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The investigation of the influence of convection with low Péclet numbers was conducted
only under one boundary condition since it was shown in the previous investigation
that the boundary condition did not show a significant influence on the parameters.
For the investigation, low velocities had to be chosen in order to avoid thermal inlet
problems. To vary the Péclet number, the pressure of the system was changed. Three
different Péclet numbers were achieved. The αw-model was extended in order to consider
the contributions of convection on the effective radial and axial heat conductivity. A
convective contribution on the wall heat transfer coefficient αw was also considered and
both contributions were estimated using the experimental measurements. A correlation
between both parameters was observed and a linear relationship between the convective
contribution of the radial heat conductivity and the Péclet number was observed. This
relationship is also demonstrated in the literature for higher Péclet numbers (Pe>50).
For low Péclet numbers, no information regarding the correlation between the Péclet
number and the convective contribution of the radial heat conductivity was found in the
literature. The slope of the curve was compared with the slope obtained for higher Péclet
numbers in literature (KRad,lit=8.79) and similar results were obtained: KRad,exp=9.55.
For the convective contribution of the wall heat transfer coefficient no noticeable
relationship could be identified. This is because of the strong sensitivity of the system
towards λeff,Rad and not towards the convective contribution of the wall heat transfer
coefficient. This makes it difficult to accurately estimate the parameter, especially at
low Péclet numbers. Furthermore, it was observed that the non-convective contribution
dominates at the low Péclet numbers. Therefore, the convective contribution was not
estimated accurately. For the adsorption experiments and the parametrical sweep, the
obtained value for KRad was used. For the convective contribution of the wall heat
transfer coefficient, the correlation of Eurokin was used since this correlation gives a
similar value for the non-convective contribution.

To investigate the adsorption characteristics, an isotherm provided by Linde Engineering
was used. Since the activation procedure could not be reproduced during the in situ
activation of the bed a breakthrough curve was measured and the experimental loading
was calculated. The experimental loading was compared to the loading obtained by the
isotherm and the isotherm was then scaled in order to reproduce the actual capacity of
the bed. Afterwards, two different dry flue gases were investigated: 15.2% CO2 in N2
and 5% CO2 in N2. The regeneration temperature was varied from 120 °C to 200 °C in
order to investigate the influence on the recovery and purity of the recovered CO2. The
measurements were then compared with the developed 2D model in order to validate the
model and to determine kinetic parameters for the adsorption, desorption, and cooling
step. The model showed a good agreement with the measured quantities, especially
the CO2 concentration. Therefore, adequate kinetic parameters could be identified
that agreed with literature. The temperature profiles on the other hand showed a
small discrepancy between the model and the measurements. This discrepancy was
explained by the uncertainty caused by scaling the isotherm with only one reference
value, since for higher temperatures it can be expected that the uncertainty will be
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higher. On the other hand, only a low Péclet number (Pe<5) could be achieved
in the experimental setup. Therefore, flow disturbances that are caused by bypass
flows can cause thermal effects. Nevertheless, on an industrial or pilot scale these
flow disturbances would be minimized since higher Péclet number (Pe>30) would be
envisioned. The measured recoveries and average purities of the recovered CO2 were
compared with those obtained by the numerical model. A discrepancy was observed
which can be explained by the uncertainty that is caused by the measuring instruments
because of the absence of a purge flow during desorption. The absence of a purge flow
makes the analytics difficult and therefore are a source of uncertainty. Nevertheless,
the calculated values for the recoveries are within the experimental error and also
show the same tendency of the recovery with the regeneration temperatures. The
obtained purities of the recovered CO2 are also within the experimental error. It was
observed that the influence of dead volume was significant during the experimental
measurements since the obtained purities were not high (<80%). On an industrial or
pilot scale, the influence of the dead volume would be significantly lower which would
lead to higher purities (>95%) as was shown by the simulations without the dead volume.

Using the derived model and the estimated model parameters (heat conductivity of
solid particle 13X, wall Biot number, adsorption kinetics), a simulation was conducted
for the industrial case considering a dry flue gas emitted from a coal fired power station.
The process performance was measured by three different key performance indicators:
The average purity of the recovered CO2, the CO2 recovery, and the specific energy
demand. For the simulation, only one tube of the tube bundle was considered and it
was assumed that all tubes in the bundle behave equally. The results showed that high
purities (>98%) could be achieved and satisfactory recoveries (≈ 82%). Nevertheless, the
recovery is still below the target value (90%). The calculated specific energy requirement
was similar to the one obtained by Clausse et al. (≈ 3.2 W/m2·K) during his numerical
investigation of the indirect heated TSA process using coaxial tubes. Nevertheless,
comparing the specific energy demand with the benchmark process, the amine wash, the
obtained value is still higher. Therefore, a parametrical study was conducted in order
to study the influence of several process, geometry, and physical parameters: Inner
diameter, outer heat transfer coefficient, heat conductivity of the solid particle, and
regeneration temperature. It was shown that high purities can be achieved using the
three tube bundle adsorber system with solid sorbents. In addition, high recoveries were
achieved by decreasing the inner radial thermal resistance. The reduction of the radial
thermal resistance can be realized either by increasing the effective heat conductivity of
the bed or by reducing the inner diameter of the tubes. Since the three tube bundle
adsorber system offers the possibility of heat integration, the required energy could be
significantly reduced. A further reduction of the energy requirement can be achieved
by reducing the inner thermal resistance and by having a fast heat transfer from the
tube wall to the heat exchanging medium. The numerical study also revealed that if
the investigated parameters were chosen adequately then a suitable process for carbon
capture with high purities and recovery can be obtained with an energy requirement
lower than the benchmark process, the amine wash.
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6.2 Critical review of own work

During the experimental work it was observed that small tubes led to some problems.
Therefore, larger tubes would be recommended in order to reduce the influence not
only of heat losses but also of thermal inlet effects. Using longer tubes would allow to
measure a wider range of Péclet numbers during convective experiments. This was one
of the major problems that were observed during the experimental work, since the small
tube limited the range of possible Péclet numbers. Nevertheless, for the non convective
experiments the length of the tube was not an issue. Therefore, the obtained results for
the non-convective experiments can be taken as a solid basis for further investigations.
For the convective experiments a wider range of Péclet numbers must be investigated.
That is only possible if longer tubes are used.

The estimation of the Bi number was conducted using only one d-to-dp ratio. Even
though this ratio is a realistic ratio at industrial scale, a wider range of ratios would
have made a more accurate estimation possible. Nevertheless, the obtained value can
be taken as a basis for further investigations and as an indication of which correlation
in literature is more accurate when using tubes packed with solid sorbents.

The adsorption experiments were conducted using pure gases. Therefore, the influence
of water was not considered. It is known that water will have a negative impact on the
CO2 adsorption capacity on zeolites. Nevertheless, the main goal of this work was to
investigate the applicability of an indirect heated TSA process to CO2 capture. The
obtained results can therefore be taken as an indication of its applicability, but it has to
be kept in mind that water will have to be removed on an industrial scale using either
a TSA-unit, a layered bed inside of the tube bundle, or another method.

It is worth mentioning that the numerical study was conducted under several simplifying
assumptions. Also, some of the values used during the parametrical study for the heat
conductivity of the solid particle do not represent values that can be achieved with
standard adsorbents. Therefore, the obtained results have to be taken as an indication
of the system behavior and what parameters can be improved in order to enhance the
process using tube bundle adsorbers.

6.3 Outlook

This work showed that the indirect heated and cooled TSA process represents a
promising alternative for CO2 capture. Nevertheless, some optimization of the process
is still required. For example, the proposed process scheme: 3 bed system with a cycle
time of 3 hours, represents only one viable option and different advanced schemes could
improve the process. The numerical sweep showed that a reduction of the radial thermal
resistance leads to better results. Therefore, different adsorbents should be investigated,
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such as structured adsorbent. The use of structured adsorbent could lead to higher
effective thermal conductivities and therefore reduce the radial thermal resistance. This
would also reduce the cycle time. Another advantage of using structured adsorbents
would be a reduction of the pressure drop (around 90 mbar in this work), which is
a main issue when capturing CO2 from a source with low pressure such as flue gas
or air. In order to be utilized or to improve the process, these structured adsorbents
would need to have a high adsorption capacity that is comparable to 13 X and a higher
effective heat conductivity. If these adsorbents would tolerate water by, for example,
using amine groups, a further advantage would be achieved. Another possibility for
reducing the radial thermal resistance would be the use of fins inside the tube. The
improvement in the effective heat conductivity would need to be investigated and the
bypass flows that could be caused because of the form of the fins. Nonetheless, bypass
flows would not be problematic as long as the recovery is not altered significantly. In
addition to the reduction of the radial thermal resistance, the heat integration between
the tube bundle adsorbers must be investigated in detail since this is one of the major
advantages of this system. The influence of water on the process performance should
also be investigated in detail.

Indirect heated and cooled TSA processes offer a new alternative for CO2 capture. This
process can be further improved since it is a new technology in the development stage.
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Figure A.1: Concentration and temperature profiles for the first simulated dry flue gas using
a regeneration temperature of 120 °C.
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Figure A.2: Concentration and temperature profiles for the first simulated dry flue gas using
a regeneration temperature of 140 °C.
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Figure A.3: Concentration and temperature profiles for the first simulated dry flue gas using
a regeneration temperature of 160 °C.
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Figure A.4: Concentration and temperature profiles for the first simulated dry flue gas using
a regeneration temperature of 200 °C.
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Figure B.1: Concentration and temperature profiles for the second simulated dry flue gas
using a regeneration temperature of 120 °C.
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Figure B.2: Concentration and temperature profiles for the second simulated dry flue gas
using a regeneration temperature of 140 °C.
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Figure B.3: Concentration and temperature profiles for the second simulated dry flue gas
using a regeneration temperature of 160 °C.
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Figure B.4: Concentration and temperature profiles for the second simulated dry flue gas
using a regeneration temperature of 200 °C.
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